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Abstract
Vaporization of injected liquid is a key process in many industrial fluidized beds. In Fluid
Cokers, for example, quicker vaporization would increase liquid product yield and reduce
fouling. A new experimental method was developed to measure the vaporization rate by
injecting liquid for a certain duration to reach a constant vaporization rate while monitoring
changes in pressure and vapor composition in the exhaust pipe of the fluidization column.
Three processes can delay vaporization in a fluidized bed: heat flux from hot-dry to wet
particles, vapor saturation, and wet agglomerate formation. Operating a spray nozzle at a
very high atomization gas flowrate eliminated agglomerate formation, and the heat flux
limitation was predominant at bed temperatures well above the boiling point while vapor
saturation was predominant at bed temperatures well below the boiling point. Finally, with a
practical atomization gas flowrate, bed hydrodynamics and spray characteristics affect
agglomerate formation and stability significantly.

Keywords
Fluidized Bed, liquid injection, vaporization, heat flux limitation, vapor saturation,
agglomerate formation, Fluid Coking
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Summary for Lay Audience
Fluidization uses a gas flow to impart fluid-like properties to a powder of small particles.
Liquid is injected in fluidized beds in industrial processes ranging from oil refining, polymer
production and the coating and agglomeration of pharmaceutical powders. In most of these
processes, fast vaporization of the injected liquid is essential to ensure reliable operation and
high product quality.
This thesis developed a new experimental method to measure how quickly a liquid injected
into a fluidized bed vaporizes. It identified and characterized three mechanisms that can slow
down vaporization. The first, heat flux limitation, is due to the rate at which hot bed particles
can provide heat for the vaporization of liquid from wet particles. The second limitation,
vapor saturation, is due to the rate at which vapors can be evacuated from the bed. The third
limitation results from the formation of wet agglomerates, which cannot dry as quickly as
wet individual particles.
Practical strategies to speed up vaporization include improving the spray nozzle performance
and optimizing its location. Spray nozzle performance can be improved, for example, by
increasing the flowrate of atomization gas. The spray nozzle should be located in regions of
the bed where the flow of gas and particles entering the spray jet cavity is maximized and
where intense agitation promotes agglomerate breakup.
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Chapter 1

1

Introduction

Liquid injection into a gas-solid fluidized bed has been applied in various industries for
decades. The applications range from granulation processes in pharmaceutical and food
industries, reactor cooling in polyolefin production, and fluid catalytic cracking and fluid
coking in the petroleum industry. This section reviews each application and the
essentialities of injected liquid evolution and the subsequent flow of vapors.

1.1

Fluidized Bed Coating

Food and pharmaceutical industries use fluidized beds for coating solid particles,
targeting various applications such as controlled release, core protection, stability
improvement, and taste or odour masking (Seyedin et al., 2017). For food applications,
film coating employs materials from various natural and synthetic film-forming edible
polymers. In coated foods, the coating may break mechanically by chewing, thermally by
melting, or dissolve when in contact with solvent. Pharmaceutical industries apply
fluidized bed coating for the production of tablets with controlled release, e.g. by using
pH changes that affect the coating permeability (Dewettinck and Huyghebaert, 1999).
Fluidized bed coating has been used to isolate iron from ascorbic acid in multivitamins,
to encapsulate fatty acids and vitamins into baking mixes, and salt for meats and snacks
(Gibbs et al., 1999).
The spray and bed characteristics are dominant parameters for product quality. Solids
circulation is an important bed characteristic. Coating can be applied through film coating
and substrate layering (Fig. 1-1). Coating uniformity is essential for good product quality.
It depends highly on the type of coating liquid, particle properties, fluidization gas
flowrate, and spray characteristics (Seyedin et al., 2017). The physical state of the
droplets greatly impacts the application of a film to a solid. A complete coating often
occurs after several passes through the coating zone. The mechanisms that occur almost
simultaneously during this period are droplet formation, droplet-particle contact, liquid
spreading, coalescence, and vaporization. (Dewettinck and Huyghebaert, 1999). The

2

coating thickness depends on how long the particles spend in a fluidized bed coating
chamber (Gibbs et al., 1999).

Fig. 1-1. The mechanism of particle coating (adapted from Jacob (2007))
Pneumatic spray nozzles are preferable to provide a small droplet size by employing
atomization gas to shear the liquid into droplets. Atomization gas also enhances
vaporization and therefore reduces wet particles tendency to coalesce. Top-spray is the
conventional spray system configuration (Fig. 1-2). In this method, the coating liquid is
sprayed on the surface of the fluidized bed. Immediate contact of droplets with particles
is necessary to avoid drying before contact with particles which would usually result in
uneven coating and coating material losses (Dewettinck and Huyghebaert, 1999).
Undesired premature vaporization of the coating liquid can be reduced by using the
bottom-spray method or Wurster configuration, which is widely used in pharmaceutical
industries (Fig. 1-3a). In the Wurster configuration, the column has a co-axial draft tube
to enhance top-to-bottom solids circulation. As the spray nozzle is installed at the center
of distributor plate, the coating liquid contacts the particles as they travel upward through
the draft tube. This method is superior to form a uniform coating on particles. One of its
drawbacks is propensity of the spray nozzle to clog. When the purpose is the coating of
fine powder particles, a rotary fluidized bed is preferred (Fig. 1-3b). A swirling motion is
imparted to the particles with both fluidization gas introduced with a gas distributor with
inclined holes, and a spinning rotor above the gas distributor. The spraying is done
tangentially to the swirling flow of particles (Turton and Cheng, 2005).
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1.2

Wet Granulation and Agglomeration

Fluidized bed wet granulation is widely applied in the pharmaceutical industry. It has a
technological advantage over the multistage wet granulation methods, as both the binder
solution spraying and the agglomerates drying are carried out in a single operation unit,
which simplifies the process (Burggraeve et al., 2013).

Fig. 1-2. The main parts of fluidized bed coater and granulator with top spray
configuration (adapted from Jacob (2007))
The fluidized bed granulators or agglomerators consist of a gas inlet chamber, a gas
distributor, a process chamber, a spray system, and an exhaust chamber (Fig. 1-2). The
processing gas enters from the gas inlet chamber and can be pre-conditioned before
entering the process chamber. The processing gas enters the process chamber through a
gas distributor. Most gas distributors are perforated or porous plates that provide a
uniform distribution of the fluidization gas across the whole cross section of the process
chamber. Typical fluidized bed granulators are fresh gas systems where the processing
gas passes through the process chamber once and flows out through the exhaust chamber
(Jacob, 2007). Apart from the top spray method, there are other common configurations
of fluidized bed coater and granulator, e.g. Wurster column and rotary fluidized bed (Fig.
1-3).
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Fig. 1-3. Schematic diagram of: a) Wurster Column and b) Rotary fluidized bed
(adapted from Turton and Cheng (2005))
Liquid suspension or binder solution is injected into a fluidized bed of particles for
agglomeration. Growth through agglomeration of the fluidized bed particles occurs when
solid bridges arise after the drying of liquid bridges between particles. The injection is
carried out with a spray that produces a narrow droplet size distribution to ensure uniform
particle growth. The solvent is then evaporated by the heat from the particles and gas
convection (Becher and Schlünder, 1998; Jacob, 2007) (Fig. 1-4).

Fig. 1-4. The mechanism of Wet granulation and agglomeration process (adapted
from Jacob (2007))
The crucial parameters in fluidized bed granulation are temperature and humidity of the
processing gas, liquid concentration, liquid spray rate, atomization gas pressure, and
processing gas flow rate (Ennis et al., 1991; Bilgili et al., 2011; Fries et al., 2011;
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Vengateson and Mohan, 2016). Binder solvent evaporation strengthens the interparticle
bridges which subsequently determines the granule growth and attributes such as granule
size and porosity (Amini et al., 2020).
The spray pattern affects particles wetting and liquid distribution in fluidized bed
granulation. Together with nozzle characteristics, spray pattern determines growth
kinetics of particles, size enlargement through layering or coalescence, and product
properties such as size, porosity, and density.
The process commonly uses pneumatic nozzles where high velocity gas atomizes liquid
flow (Fig. 1-5). Around the outer part of liquid nozzle, the ring gap allows gas flow to
mix with liquid flow at the center of nozzle tip. Here, slow flowing liquid is in contact
with high velocity gas that exerts high shearing force to atomize the liquid flow into a
fine mist spray. Depending on the liquid feed pressure, different drop size distributions
and spray rates are achieved. Owing to the direct dependency of drop size on spray rate,
pressure nozzles are designed for a well-defined operation point. For a good spray
pattern, a certain minimum spray rate is required and has to be considered in start-up
procedures.
Depending on the process, the spray rate of this nozzle can be very high and may result in
poor liquid distribution in the bed, especially in large-scale processes. The liquid
distribution across the bed surface can be improved by employing a multi-head nozzle or
using multiple single nozzles. This process system can be fairly expensive when designed
to provide independent control of the liquid flowrate for each spray nozzle and thus
eliminate any risk of liquid maldistribution between nozzles (Jacob, 2007).
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Fig. 1-5. The pneumatic spray nozzle (adapted from Jacob (2007))
Moisture content of the fluidized bed during spraying is one of the most important factors
for the granular product properties. Binder concentration in the particle surface moisture
determines the morphology and higher binder concentrations were reported to enhance
particle growth (Link and Schlünder, 1997). In addition, the surface moisture affects the
humidity distribution (Frake et al., 1997; Heinrich and Morl, 1999). Moisture in
granulation processes determines the Stokes number and agglomeration rate (Amini et
al., 2020). The particle surface moisture content determines the required liquid binder to
form interparticle bridges during particle collisions. Surface moisture is therefore
important from the perspective of particle growth (Link and Schlünder, 1997; Ronsse et
al., 2012).

1.3
Evaporative Cooling in a Polyethylene Fluidized
Bed Reactor
In an exothermic reaction such as polymerization of ethylene, a key factor that limits the
production rate is the rate of heat removal from the reaction zone. Overheating in the
reaction zone can lead to problems of product quality, catalyst deactivation, or even
unexpected agglomerate formation due to particle softening and sticking. In some cases,
agglomeration may lead to reactor shutdown (Hulet et al., 2008). There is little margin
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for error in heat removal (McKenna, 2019). High levels of mixing in a fluidized bed
reactor enables heat removal of highly exothermic reactions and reduces local bed
temperature variation (Burdett and Eisinger, 2018) but the heat must be removed by
cooling the recirculating fluidization gas and by injecting liquid to achieve evaporative
cooling.
Catalyst is fed to the reactor from the bottom of the fluidized bed of polymer particles
near the gas distributor (Fig. 1-6). Reaction then starts in the active sites of the catalyst.
The bed of polymer particles is fluidized by a recycled gas stream containing the
monomer from the bottom of the reactor. The stream simultaneously supplies the reactant
and acts as a heat removal mechanism. Above the reaction section, the superficial gas
velocity decreases due to an expanded section which then reduces the particles
entrainment in the outflow gas. Additional cyclones may be present to return entrained
fine particles to the bed. The cycle gas then passes through a compressor and a train of
heat exchangers to decrease the temperature before being recycled to the reactor (Burdett
and Eisinger, 2018).
Reaction temperatures for polyethylene production range from 70 – 120 °C and are
controlled to achieve optimum catalytic reaction kinetics while remaining below the
polymer sintering temperature. The reactor pressures range from 20 – 30 bar (2 to 3
MPa). In many gas phase systems, the reactor production capacity is limited by the total
sensible heat that can be removed by the optimum gas flowrate. The heat removal
capacity of the gas stream can be increased by adding inert gas with higher heat capacity
(Burdett and Eisinger, 2018).
Improvement of heat removal has been developed by partially condensing the recycle
gas. This is achieved by adding condensable comonomers such as 1-hexene and/or inert
hydrocarbons such as isopentane and hexane. The condensation occurs after passing the
water cooled-heat exchanger and the condensed droplets are carried by the recycle gas
stream into the reactor bed. The liquid, in the form of droplets shall evaporate at hot spots
in the bed, thereby using the associated latent heat of evaporation in the reactor to help
cool the bed (Alizadeh and Mckenna, 2013). The condensed fraction then evaporates
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rapidly just above the distribution plate. This process capability of running with
“condensed liquid” in the recycle system can increase capacity two- or three-fold for a
reactor of a specific size.

Fig. 1-6. Schematic diagram of a gas-phase fluidized bed reaction system licensed by
Univation Technologies (adapted from Burdett and Eisinger (2018))
In BP Chemicals High Productivity Technology, spray nozzles inject the condensed
liquid directly into the fluidized bed. A train of heat exchangers cools the recycled gas to
below its dew point. The condensed liquid hydrocarbons are then separated from the
recycled gas in a designated vessel before injection into the fluidized bed using a spray
nozzle system (Newton et al., 2001).
Solids mixing in the fluidized bed distributes the catalyst and pre-polymer particles and
distributes the most reactive and hotter particles throughout the bed, reducing hot spots.
The injection of liquid into a polyethylene fluidized bed reactor cools the particles near
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the spray through evaporative cooling and this makes effective solid mixing even more
critical to distribute these cooler particles throughout the bed.
Alizadeh and Mckenna (2013) conducted a modelling study on the vaporization of an
inert condensing agent droplet. The approach considered two possible scenarios:
homogeneous and heterogeneous vaporizations. The homogeneous vaporization occurs if
the droplet is small enough and vaporizes before making contact with bed particles. The
more likely case is heterogeneous vaporization where the droplet contacts particles and
vaporizes rapidly. They evaluated the vaporization time of the droplets in two cases of
different droplet-particle slip velocity and reported that the vaporization is almost
instantaneous.
Production of high-performance Polyethylene requires tailoring the molecular weight
either by adjusting the catalyst composition or by varying reaction conditions. The latter
approach could be carried out by having multiple zones inside a single fluidized bed
reactor. This system is called cloudy ethylene polymerization gas phase process in which
the separated condensate is injected at different heights into the bed. Each injection
operation can be adjusted with parameters including, but not limited to, atomization gas
and condensate flowrate. This creates different concentration and temperature profiles in
each zone. The cloudy zone is composed of gas, liquid, and solid phases while the noncloudy zone is composed of gas and solid phases only. In the cloudy zone, the relatively
lower temperature and high comonomer ratio favor more branching to high molecular
weight PE. In the non-cloudy zone, the environment favors production of low molecular
weight PE with less branching (Sun et al., 2020).

1.4

Fluid catalytic cracking

Fluid catalytic cracking (FCC) converts heavier petroleum fractions called gas oil into
valuable transportation fuel such as gasoline, jet fuel, and diesel. The feedstock is usually
gas oil which comes primarily from atmospheric distillation, vacuum distillation, and
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coking units. These multiple streams of feedstock are generally combined upstream of the
FCC reactor.
The gas oil feed is pre-heated to 205 – 400 °C before entering the FCC riser. An efficient
contact of the feed with the hot regenerated catalyst is an essential factor in the cracking
process. The process employs feed nozzles that atomize the feed pneumatically with
steam. The steam produces a spray by shearing an oil film generated inside the injector
from the passage of oil through a number of orifices (Chen, 2006; Chen, 2011). Smaller
oil droplets contributes to more contact of feed with reactive acid sites on the catalyst.
The feed and steam must also penetrate the dense catalyst flow and provide rapid mixing.
With high-activity zeolite catalyst, the entire cracking reactions take place in 3 seconds or
less (Newton et al., 2001; Sadeghbeigi, 2012).
The feed nozzles are usually elevated and installed at 5 - 12 m above the base of the riser
(Fig. 1-7). The number of feed nozzles can range from 1 to 15 depending on the FCC
feed rate and riser diameter. The catalytic cracking ideally occurs in the vapor phase so
that the rate of vaporization at the injection zone greatly affects reactor performance.
Cracking takes place as soon as the feed vapors contact the catalyst (Gupta and Subba
Rao, 2001). Fast and uniform liquid feed dispersion is therefore a vital parameter to
enhance vaporization and contact between the feed and catalyst. Vaporization also creates
a significant expansion that helps push the catalyst up the riser (Sadeghbeigi, 2012).
The riser is generally a vertical pipe 61 to 213 cm in diameter and 23 to 37 meters long
(Fig. 1-7). Most FCC Risers are simulated as a plug flow reactors of gas and catalyst
(Gupta and Subba Rao, 2003). The average residence time of the catalysts and vapors are
about 2 to 3 seconds relative to the riser outlet condition (Sadeghbeigi, 2012). As the
reaction progresses, coke is continuously deposited on the catalyst leading to catalyst
deactivation. The deactivated catalyst is transported to a regenerator to restore its activity
by burning the deposited coke (Gupta and Subba Rao, 2003).
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Fig. 1-7. Schematic diagram of Fluid Catalytic Cracking unit (adapted from (Gupta
and Subba Rao, 2003)
The typical temperature of regenerated catalyst is around 677 – 732 °C while the reactor
temperature ranges between 496 – 565 °C. The catalyst regeneration process is necessary
to provide heat for cracking and vaporization of the gas oil feed as well as to maintain the
temperature inside the reactor. The catalyst circulation rate between the riser and
regenerator is a vital parameter that controls the heat and coke balance between the units
(Gupta and Subba Rao, 2003). The typical ratio of catalyst to oil is in the range of 4:1 to
10:1 by weight which may vary depending on the feed preheating, catalyst regeneration
condition, and reactor outlet temperature. (Sadeghbeigi, 2012).
As FCC catalysts activity become higher, most of the cracking and catalyst coking occur
in the vicinity of the feed injection zone. As the need to crack more and heavier
hydrocarbons at ever shorter contact times grows, oil droplet vaporization may become
the rate limiting factor in FCC. A fast vaporization is highly desirable because vapor
phase cracking is faster and more selective than liquid phase cracking (Huang and Ho,
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2003). In general, better feed atomization is associated with a higher yield of valuable
products (Gupta and Subba Rao, 2003).
Theologos et al. (1999) incorporated an atomization modeling scheme into a developed
CFD model and evaluated atomization effects on feedstock vaporization rates, cracking
reactions initiation, reactor selectivity and overall reactor performance. They found the
higher the degree of atomization, the faster the vapor is generated in the reactor, and the
faster the cracking reactions are initiated. Decreasing the initial droplet size led to a more
uniform hydrocarbons temperature profile. The temperature difference between the dilute
and dense phases was also reduced due to more efficient interphase heat transfer. The
above factors influence the reactor performance and result in higher conversion rates and
gasoline selectivity.
Gupta and Subba Rao (2003) simulated the effect of feed spray droplet size due to
atomization on the performance of the unit. The simulation included the entire FCC unit
comprising of a riser and a regenerator. They reported that decreasing drop size increased
the predicted values of overall conversion: gasoline yield and gas (C1–C4) yield. On the
regenerator side, lower regenerator temperatures were predicted for smaller drop sizes.
Buchanan (1994) conducted a theoretical analysis that presented two heat transfer
limiting cases for particle and droplet contact. The first limiting case suggests that there is
a short contact and rapid heat transfer but then Leidenfrost effect takes place and the
particles are pushed away by vapor generated at the droplet surface. However, wetting
interactions are possible when the particles are entrained in low temperature regions in
the bed. The second limiting case views droplet and particle interactions as collisions
between hard spheres. It suggests that in relatively dilute solids and a very short particledroplet contact, the heat transfer mechanism is mostly by conduction through the gas film
around the droplet.
Mirgain et al. (2000) modelled the vaporization process in an FCC riser which includes
homogeneous and heterogeneous vaporization. Homogeneous vaporization was found
insufficient to vaporize a typical FCC feed spray drop size. Complete and fast
vaporization could be achieved through good liquid droplet and solid catalyst mixing.

13

The modelling results also suggested that the Leidenfrost effect will prevent dropletparticle contact only when the initial relative velocity between the droplet and particle is
very small. This is unlikely to occur for droplet-particle contact in an FCC riser where the
droplet enters the riser in a jet way above the particle velocity.

1.5

Production of Glycolaldehyde

Glycolaldehyde is currently used as a browning promoter for food coloring and flavoring.
It is also proposed as a renewable platform chemical for the production of glycol,
glycolic acid, methyl vinyl glycolate, and ethanol amines (Schandel et al., 2020). One of
the methods for large scale production of glycolaldehyde is pyrolysis of sugar and starch
(Majerski et al., 2006; Schandel et al., 2020).
The pyrolysis process can be performed by spraying a sugar solution into a fluidized bed
of heat carrying particles to achieve a high heat transfer rate and a short vapor residence
time. The particles can be reheated in an external reheater (Larsen et al., 2020). The
fluidized bed pyrolysis with sugar solution yielded 72 – 73 % of glycolaldehyde while
by-products consisted mostly of pyruvaldehyde, formaldehyde, glyoxal, acetol, and acetic
acid (Schandel et al., 2020).
Sugar solution feed generally uses water as solvent so the amount of heat to evaporate
water is one of the considerations to determine sugar concentration in the feed stream.
The water concentration is preferred to be between 30 – 70 % (Majerski et al., 2006;
Schandel et al., 2020). Majerski et al. (2006) suggested that water may catalyze
retroaldolization of the sugar open chain form at high temperature.
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1.6

Fluid Coking

Thermal conversion has long become the choice for processing vacuum residues and
other heavy feeds because of its low operating and capital costs. There are two types of
commercial technology in this field: visbreaking processes that thermally convert the
feed under relatively mild conditions and with no coke by-product, and coking processes
that convert the feed under more severe conditions to obtain higher yield but generate
coke as a by-product (Gray, 2015).

Fig. 1-8. The configuration of fluid coking process (Adapted from Gray (2015))
There are two types of commercial coking technologies known today: delayed coking and
fluid coking. Fluid coking is preferable from the viewpoint of higher distillates yields and
simpler coke handling. The efficient heat distribution in the fluidized bed helps to reduce
hot spots, which allows the reactor to operate at a higher temperature to give more
cracking of volatiles from the coke. These factors generally lower the yield of coke and
increase the yields of gas oil and olefins when compared to those from delayed coking.
Fluidized bed coking also reduces the residence time of the vapour-phase products in
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comparison to delayed coking, which helps reduce unwanted polymerization and
cracking reactions (Gray, 2015).
In the Fluid Coking reactor, the bitumen is preheated to 350 °C and sprayed into a
fluidized bed of hot coke particles. The spraying is accomplished by using supersonic
spray nozzles (Base et al., 1999) and atomization steam. These nozzles are organized in a
series of several rings along the height of the reactor (Fig. 1-8).
Coking occurs on the surface of the coke particles at temperatures of 510–550 °C and a
layer of newly formed coke is created on the heat-carrier coke particles. These particles
have a bulk density of 750–880 kg/m3, a particle density of 1440 kg/m3 and diameter of
100 - 600 𝜇m. The heat for the process is supplied by burning a portion of the cold coke
in a burner and delivering the hot coke near the surface of the reactor bed (Fig. 1-8). The
coke particles tend to grow with time in the process, because the amount of coke
deposited in the reactor is much larger than the amount of coke removed in the burner;
therefore, jets of steam are injected to break up a portion of the particles by attrition (Fig.
1-9).
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Fig. 1-9. Fluid coking reactor (Adapted from Gray (2015))
A portion of the coke particles circulate to the stripper section, where remaining
hydrocarbon attached in particles or agglomerates is stripped with steam (Fig. 1-9). The
resulting cold coke is then transported to the burner where a portion is combusted at
around 630 °C using a sub-stoichiometric ratio of air to supply the heat requirements of
the reactor. The fine particles in the product coke are separated by elutriation and
returned to the burner.
The lower limit on operating temperature for fluid coking is set by the behaviour of the
fluidized coke particles. If the conversion to coke and light ends is too slow, then the
coke particles become sticky and agglomerate within the reactor. This phenomenon
occurs in localized zones of the reactor, likely near the nozzles that inject the (colder)
liquid bitumen feed, giving rise to wet solids that fall to the bottom of the bed. For this
reason, optimizing the method for introducing feed into the reactor is crucial.
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In fluid cokers, the flowrate of atomization steam to the spray nozzles must be minimized
to maintain a high processing capacity and reduce operating costs. As a result, liquid
distribution in fluid cokers is imperfect, as confirmed by experiments in a pilot plant fluid
coker (Knapper et al., 2003). The impingement of liquid feed droplets (300 – 3000 μm
Sauter-mean diameter) on finer coke particles (150 μm SMD) forms larger agglomerates.
Wet agglomerates larger than a critical size would break due to hydrodynamic forces, but
those smaller than the critical size would remain as two or more particles kept together by
liquid bridges.
The formation of wet agglomerates has a significant impact on heat and mass transfer in
the reactor. The agglomerates will be cooler than the reactor bed by as much as 100 °C,
because the sprayed liquid feed is significantly cooler than the fluidized particles, and the
overall process of thermal cracking of the oil and vaporization of the products is
endothermic. Larger agglomerates heat more slowly, resulting in delayed cracking
reactions. The liquid films trapped between solid particles at the core of agglomerates
also increases the distance for products to diffuse out of the liquid phase.
Agglomerate formation has two detrimental impacts on the Fluid Coking process:
1) Thermal cracking and vaporization slow down, increasing the fouling rate of the
stripper sheds and increasing the frequency of major maintenance shut downs (Fig. 9).
Three conditions must be present for stripper fouling to occur: interstitial vapor,
wet/sticky coke and poor fluidization. Stripper shed fouling is accelerated by unvaporized liquid reaching the stripper zone, as it contributes to these three conditions
(Sanchez Careaga et al., 2018). Experiments have shown that the heating rates of
agglomerates decreased as their dimensions were increased (Ali et al., 2010) as
suggested by modeling (House, 2007).

2) The yield of valuable vapors is reduced. This results from several effects:
a) Heat transfer limitations, as some of the unreacted liquid reaching the stripper zone
may then exit the reactor and be conveyed to the burner with the cold coke (Sanchez
Careaga et al., 2018).
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b) An increase in coke yield caused by mass transfer limitations, as liquid films
within agglomerates are relatively thick. Gray et al. (2001) and (Kumar et al.,
2015) studied this effect by subjecting liquid films of vacuum residue of known
thickness to thermal reaction at 530 °C. The increase in coke yield with film
thickness was consistent with increased repolymerization of the cracked product
material as it diffused out of the liquid phase. The reaction conditions in a liquid–
solid agglomerate were tested experimentally by Ali et al. (2010). The average
coke yield from the wet agglomerates at 503 °C was 23.3 ± 1.7% while the
reaction of thin films (20 µm) of the same feed yielded 11.7 ± 0.3% of coke. The
higher coke yield from the agglomerates compared to that of the thin films
supports the role of mass transfer in increasing the coke yield.
c) A possible increase in coke yield caused by the lower reaction rate resulting from
heat transfer limitations within agglomerates. This is more controversial: although
this effect was suggested by modeling studies (House et al., 2004), Ali et al.
(2010) found that the heating rate had little effect on the final coke yield. In the
range from 450 to 530 °C, temperature has a definite accelerating effect on the
rate of reaction but not on the final yield of coke after the reaction is complete.
This lack of sensitivity to time–temperature history is consistent with the
insensitivity of the coke yield to reaction temperature (Pinchuk et al., 2005; Ali et
al., 2010).
According to Wiehe (2012), the ideal coker has a long residence time for the non-volatile
products to ensure full cracking of the heavy oil feed. Conversely, there should be a very
short residence time for the vapors to minimize over-cracking of the vapors.
Another impact on the yield of valuable vapors from the process results from vapourphase cracking. The evolution of vapour from the cracking of the feed, and the addition
of steam, gives intense mixing of the coke particles within the reactor. The cracking
product vapors rise to the top of the reactor, pass through cyclones that remove entrained
particles of coke and enter the scrubber in the top portion of the vessel. Kossiakoff and
Rice (1943) reported that scission reactions occurred more favorably in the gas phase.
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Consequently, thermal cracking in the vapor phase would promote the formation of light
products (Khorasheh and Gray, 1993).
Mallory et al. (2000) investigated the formation of coke from the vapor produced from
thermal cracking of liquid bitumen. They reported an increase in coke yield with
increasing vapour residence time. The increase of coke yield levelled off with residence
time at 490 °C and 525 °C but supported a linear fit at 560 °C. The coke increase was
also accompanied by an increase in yields of non-condensable light hydrocarbons.
Stanlick (2014) also verified that as vapor residence time increased in reactive condition,
there was a 92% probability of a reduction in liquid yields with a corresponding increase
in gas yields.
The cyclones tend to foul due to the accumulation of coke on the internal surfaces.
Earlier studies suggested promoting the entrainment of coke particles from the bed
surface into the cyclones, to moderate temperature drops in the cyclones and the resulting
condensation of heavy hydrocarbon vapors (Pfeiffer et al., 1959). More recently, a stream
of coke particles, called scouring coke, is blown into this portion of the reactor to scour
the surfaces (Molstedt and Moser, Jr., 1956; Solnordal et al., 2012) (Fig. 1-9). A recent
reference on the fouling of cyclones in FCC units summarized the results of published
studies: deposits in cyclones, and especially in their gas exit tubes, result from a variety
of chemical and physical phenomena, such as condensation reactions of heavier
hydrocarbon vapours and polymerization of olefins and diolefins (Song et al., 2017).
These results are compatible with earlier studies in fluid coker cyclones (Molstedt and
Moser, Jr., 1956; Fan and Watkinson, 2006).
The residence time distribution of vapors has been studied in a scaled-down warm
model(Li et al., 2016). Some experiments injected a gas tracer (helium) while other
experiments injected a mixture of wax and heptane, with the wax simulating fresh coke
and heptane simulating hydrocarbon vapours. Another purpose of the wax was to reduce
adsorption of heptane on coke particles. Comparison of helium and heptane residence
time distributions showed that heptane vapour had a much longer total residence time,
due to vaporization delays (Li et al., 2016).
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In practice, setting the bed temperature of a fluid coker is a result of a compromise
(Wiehe, 2008). Low temperatures increase fouling of the stripper sheds and of the walls.
High temperatures promote vapour-phase cracking of the products to lower value
permanent gases and the formation of conjugated olefins that cause scrubber fouling
(Wiehe, 2008).

1.7

Motivation of the Research Work

From several industrial examples of liquid injection into fluidized bed, there are either
reactants or agents entering fluidized bed in evaporative condition. The products or
diluent are collected in the vapor phase at the reactor outlet. From the overview, we can
point out that vapor generation is a vital process and its kinetics have a significant impact
on overall performance.
Proper flow of vapor from the bed section until its collection at reactor outlet is essential
for most of the reactive vapor in the FCC and Fluid Coking processes and impacts the
local heat removal capacity in polyethylene reactors. This thesis aims to develop a
method to investigate two processes: the vapor generation of injected liquid in the bed
section and the flow of the vapors inside the bed.

1.8
Limitation Factors in Vapor Generation in a
Fluidized Bed
From the overview in various industries, the factors that affect the rate of vapor
generation and the flow of vapor can be summarized as follows.

1.8.1

Agglomerate formation and stability

As reviewed earlier, agglomerates should be minimized. Agglomeration is known to
occur when droplets generated by the spray nozzle are larger than a critical size, which
can be estimated from a thermal balance model (Leclère, C.L. Briens, et al., 2001).
Liquid distribution can, thus, be improved and agglomerate formation reduced by
modifying the spray nozzle design (House et al., 2008; Chan et al., 2012; Prociw, Briens,
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Berruti, and McMillan, 2018; Knapper et al., 2018; McMillan et al., 2019) and its
operating conditions (Tafreshi et al., 2002; Bruhns and Werther, 2005a; Pougatch et al.,
2009; Ali Zirgachian et al., 2013; Farkhondehkavaki et al., 2014; Atalar and Yazici,
2018; Yang et al., 2018; Ahmadi Motlagh et al., 2019).
Agglomeration also occurs, even with spray nozzles that generate very small droplets,
when the bed solids on which the droplets impact are not renewed fast enough: there is a
critical ratio of liquid flux to renewal rate of the solid surface, which can also be
estimated from a thermal balance (Leclère, C. Briens, et al., 2001). Liquid distribution
can, thus, be improved by increasing the fluidization velocity, redirecting gas bubbles to
the spray jet cavity (Li et al., 2020) or changing the particle mixing in the spray region
(McMillan et al., 2005; Cocco et al., 2013; Mohagheghi, Hamidi, Briens, Berruti, and
McMillan, 2014; Havaić et al., 2018; Zirgachian et al., 2018). Lab experiments suggest
that the benefits of a better nozzle design and better local bed hydrodynamics
complement each other (Li et al., 2016). Finally, agglomeration is more likely to occur
when the sprayed liquid wets particles more effectively, i.e. when wettability is increased
(McDougall et al., 2005; Saleh and Guigon, 2007).
Shear forces in fluidized beds can break up agglomerates. Agglomerate stability depends
on the particle and liquid properties. Agglomerates made of larger particles are less stable
(Cheong et al., 2007; Parveen, Berruti, et al., 2013). Within the range of agglomerate
liquid contents that are normally encountered, increasing the liquid content increases
agglomerate stability (Cheong et al., 2007; Parveen, Berruti, et al., 2013). Increasing the
liquid viscosity may increase agglomerate stability in some processes, but did not have a
large impact in conditions relevant to the Fluid Coking process (Weber, Briens, et al.,
2011), confirming the complex impact of the liquid viscosity on agglomerate stability
reported by other studies (Iveson and Page, 2001; Benali et al., 2009). Increasing the
wettability of the agglomerate particles greatly increases agglomerate stability (Benali et
al., 2009; Weber, 2009a). Larger agglomerates break more easily (Reynolds et al., 2005;
Weber, Briens, et al., 2011). Experiments in a laboratory scale reactor operating under
reacting conditions, showed that smaller and wetter agglomerates are more stable, and
that their stability decreases at higher fluidization velocities (Weber, 2009a).
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Agglomerate stability also depends on the local bed hydrodynamics. As expected,
increasing the fluidization velocity speeds up agglomerate breakage (Weber, Josset, et al.,
2011; Parveen, Berruti, et al., 2013; Parveen, Briens, et al., 2013). Because gas bubbles
are responsible for agglomerate breakage, agglomerates that spend more time near the
bed surface, in regions where gas bubbles congregate, are more likely to be broken
(Parveen et al., 2012). Finally, vapor generation can destabilize agglomerates (Gray,
2002), and agglomerates stability was found to become lower under reacting conditions,
although this may have also resulted from changes in liquid properties (Weber, 2009a).
Many of the experimental findings have been incorporated in models (Boyce et al., 2017;
Golovin et al., 2018; Kaur et al., 2018; Liu et al., 2018; Ahmadi Motlagh et al., 2019).

1.8.2

Heat transfer limitation: Local Heat Deficit

A key advantage of fluidized beds is temperature uniformity. A gas-solid fluidized bed is
often treated as isothermal because rapid heat transfer results in a negligible temperature
difference between bubbles and emulsion. There is also intense top to bottom mixing of
particles carried in the bubble wakes: because of the heat capacity of the mixed particles,
this promotes heat transfer between hotter and colder regions of the fluidized bed.
When evaporative liquids are sprayed into a fluidized bed, liquid evaporation cools
particles in the spray zone, which is significantly cooler than the rest of the bed (Fan et
al., 2001; Heinrich et al., 2003; Hemati et al., 2003; Bruhns and Werther, 2005a;
McMillan et al., 2005; Turchiuli et al., 2011; Yang et al., 2018; Joness, 2019b). Liquid
evaporation is therefore affected by the transfer of hotter particles to the spray region.

1.8.3

Mass Transfer limitation: Local vapor saturation

When the local bed temperature drops below the liquid boiling point, the partial pressure
of the emerging vapors affect the rate of vapor generation (Chen, 2020). Saturation is less
likely to occur if wet particles are dispersed quickly through the fluidized bed, mass
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transfer between emulsion and bubbles is effective, and there is good mixing of gas
throughout the bed (Chen, 2020).
In fluidized bed dryers that operate at an average bed temperature that is below the liquid
boiling point, enhancing the solids mixing can greatly speed up the drying process
(Gómez-Hernández et al., 2016). The moisture of the gas can vary greatly throughout the
bed (Maronga and Wnukowski, 1997; Heinrich and Mörl, 1999; Hede et al., 2009).

1.9
Measurement methodologies of vapor generation
and vapor dispersion
1.9.1
1.9.1.1

Measurement of the rate of vapor generation in a fluidized
bed
Experimental method with bed temperature above the
injected liquid boiling point

Leclère et al. (2004) conducted a set of experiments to estimate the fraction of injected
liquid that remains in the bed as a function of time. The experiment was in a heated
fluidized bed with a rectangular cross-section. Phase Doppler Anemometry measured the
size and velocity distribution of the spray droplets. The spray nozzle moved over the bed
surface at a set velocity while spraying the tracer liquid. At a set delay time after the
spraying, a secondary spray nozzle moved over the surface while injecting a quenching
water to instantly stop vaporization. The remaining liquid tracer trapped in the bed was
measured with gas chromatography and the vaporization rate was reported as the time to
vaporize 50 % of injected liquid tracer.
Morales et al. (2016) estimated the rate of vaporization using a simple flow model that
used the differential pressure between the freeboard and secondary cyclone. The
experiments were conducted in a fluidized bed of silica sand particles above the boiling
point of the injected liquid, which was a mixture of acetone, pentane, and acrylic. The
agglomerates from different runs were also collected and the results agreed that the
presence of more agglomerates inhibited the rate of vaporization.
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1.9.1.2

Experimental method with bed temperature below the
injected liquid boiling point

Various techniques had been developed to measure the rate of vaporization in an
environment below the injected liquid boiling point. In general, they can be classified as
detection of drying end-point and detection of free moisture.

1.9.1.2.1

Detection of drying end-point

Davidson et al. (2001) observed the weight loss of the entire bed as a certain amount of
initial water in the bed vaporized. As a comparison for this method, they measured the
flowrate and the humidity of air flowing in and out of the vessel to obtain another
vaporization rate.
Lipsanen et al. (2008) detected drying end-point using the relationship of a granules
temperature increase from its wet-bulb temperature and its simultaneous free moisture
depletion. The techniques were called ∆𝑇 technique and were able to eliminate the effect
of changing process air humidity. Detection with ∆𝑇 technique should be applied with a
good control of fluidization mode between batches to maintain a consistent drying endpoint.
Carter (2018) employed a passive acoustic emission monitoring process and extracted the
information with the help of deep learning analytics. A piezoelectric microphone was
installed into the fluidized bed wall and recorded the sound generated from impact
between particles and particle-wall collisions, friction sound between particles, and
aerodynamic sound originated from moving air. As the granules dry, the elasticity
becomes uniform resulting in decreasing acoustic emission variability.
Zhang et al. (2019) developed an online moisture estimation technique using electrostatic
sensors combined with a machine learning model. They trained the model with a variety
of electrostatic signals to the velocity, outlet temperature, and outlet humidity from
experiments. The error between the model and experimental results was less than 13 %.
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1.9.1.2.2

Detection of free moisture

Zirgachian et al. (2013) developed a conductance technique in assessing the performance
of industrial scale Fluid Coker spray nozzles. This technique detected free moisture as a
function of conductance signal. Increasing conductance signal during re-fluidization
indicated an increasing free moisture as wet agglomerates break. At the end of the
breakage, evaporation was dominant, and the conductance signal gradually decreased.
Kolkman et al. (2016) conducted a non-invasive method to monitor the impact of liquid
injection on hydrodynamics and temperature gradient. The experiments employed a
pseudo-2D bed with an 80 x 15 mm cross section and a transparent window for visual
observation. A high-speed visual camera with image processing located the
hydrodynamic changes and a high-speed infrared camera obtained thermographic images
which gave the bed a 2D temperature map. The technique can detect local heat transfer
limitation and changes of solid flux due to liquid injection as a function of time.
Ahmadi Motlagh et al. (2017) measured the distribution of injected liquid at room
temperature using an electrical capacitance technique. The capacitance data as a function
of time from an Ethanol – FCC and Ethanol – sand system simulated the liquid
distribution and liquid content in the bed. Ethanol in an FCC bed vaporized slower than
in a sand bed as the FCC particle pores trapped the liquid and delay the vaporization.
A capacitance measurement was also developed to produce images of permittivity
distribution in a fluidized bed. The technique, called Electrical Capacitance Tomography
(ECT), reconstructs the images into tomograms that reveal different electrical properties
in the observed space. Rimpiläinen et al. (2012) reconstructed 2D images from ECT and
reported a good prediction of moisture content during fluidized bed drying. However,
ECT required a high initial moisture content while the reconstruction model effectiveness
was sensitive at a certain range of frequency (Wang and Yang, 2010).
Moisture content can be tracked by Near Infrared Spectroscopy due to absorbance
sensitivity in the range of 800 – 2500 nm to variations in moisture content (Da Silva et
al., 2014). (Rantanen et al., 2000) measured the granules moisture content during
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spraying and drying using NIR setup. NIR spectroscopy is an online, fast, and nonintrusive method but requires recalibration for specific formulation. The interference of
water absorbance and other structures may also confound the measurement accuracy
(Hausman et al., 2005). This technique requires a higher installation cost and to some
degree may affect heat and mass transfer coefficients (Aghbashlo et al., 2014).
Hausman et al. (2005) employed Raman Spectroscopy to monitor the solid state chemical
structure change of Risedronate during fluidized bed drying. Moisture content greatly
affects the hydration state of risedronate, and the study identified the drying end-point by
measurement of the hydration state. The method is as versatile but less invasive than NIR
spectroscopy. Ramans weak effect also required a sensitive detector at low
concentrations.
Buschmüller et al. (2008) reported an in-line moisture measurement by microwave
resonance technology in a fluidized bed dryer. The technique showed good correlation
with Karl Fischer titration as a reference method. However, the microwave emission
could affect the heat and mass transfer making the technique not entirely non-invasive.

1.9.1.3

Experimental methods with reacting systems

Chaudhari (2012) simulated the fluid coking reaction in a Mechanically Fluidized
Reactor and measured the flowrate of generated vapors based on variety of operating
parameters. Heavy Oil was sprayed into the reactor, and the vapor flowrate was measured
using an orifice assembly, pressure transducer, and DAQ system. The method indicated
the quality of liquid-solid contact based on the dissipation time of the remaining liquid at
the end of injection.
Vaporization rate is closely related to the extent of liquid distribution. Saha (2012)
measured the quality of liquid distribution of a sugar solution in a fluidized bed of silica
sand at the caramelization temperature. Liquid distribution was estimated from the mass
of agglomerates bonded in caramel. The particular interest of this method was the macroagglomerates with a sieve size larger than 0.85 mm where heat and mass transfer is
relatively more significant.
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1.9.2

Measurement of gas dispersion in fluidized beds

Tracer techniques have been used substantially in gas dispersion experimental studies.
The typical method employs a pulse or a stepwise change of gas tracer injected into the
bottom of the bed followed by detection of tracer concentrations at an upper level of the
bed. Some of them used Thermal Conductivity Detectors (TCD) as the gas sample
analyzer (Li and Weinstein, 1989; Song et al., 2005), IR gas sample analyzers (Lee and
Kim, 1989), or 𝛾-ray scintillation detectors. Li et al. (2016) employed a tracer technique
with a TCD used to continuously detect gas tracer from injected liquid vaporization in a
fluidized bed of hot coke particles. The technique could measure the changes in mass
transfer as they varied the bed hydrodynamics.
Medrano et al. (2017) measured mass transfer in a fluidized bed by detecting the
reduction of infrared radiant flux associated with the absorption by the gas molecules.
This was accomplished by three elements aligned perpendicularly: the IR source (anodize
aluminum plate), the IR camera as the detector of IR emission, and a 2D fluidized bed
transparent column in between the two. The transparent column material was quartz
which has a good transmittance while the tracer and background gases were propane and
nitrogen.
Bruhns and Werther (2005) measured the concentration of vaporized liquid tracer in the
gas mixture using an oxygen analyzer connected to a sampling probe. The oxygen
analyzer determined the concentration of tracer vapor from the partial pressure of oxygen
in the gas sample. Solimene et al. (2006) introduced an in situ gas tracer concentration
measurement in a fluidized bed using a zirconia oxygen sensor. Sensors were installed in
several axial locations and gave a consistent profile in replicate runs. A computed model
predicted the concentration profile and succeeded to reproduce the concentration profile
with both geldart B and D bed particles showing a good theoretical framework that
underlies the data interpretation.

1.10

Thesis Objectives and Outline

The main objective of the thesis is to develop an experimental method to measure the rate
of vapor generation in a fluidized bed. The next objective is to investigate the factors that
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delay vaporization. Finally, it studies the impact of liquid spray injection operating
condition, bed hydrodynamics and temperature. In order to address this objective, the
research was developed through several steps presented in the following chapters.
Chapter 2 lays out the material and equipment used throughout the research. This chapter
also discusses the development of an experimental method divided into the following
topics:
-

Response test of cyclone pressure drop to detect vaporization inside the rectangular
cross section fluidized bed column,

-

Computational model to estimate the fraction of vaporized liquid and vapor flow at
the column outlet from acquired log data,

-

Experimental method and preliminary results on the presence of heat deficit and
vapor saturation.

Chapter 3 investigates the impact of bed hydrodynamics on the vaporization in the
absence of agglomerates. Chapter 4 investigates the impact of bed hydrodynamics and
temperature on agglomerate breakup. Chapter 5 investigates the impact of liquid spray
nozzle operating condition on agglomerate breakup.
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Chapter 2
Experimental Setup and Methods

2

2.1
2.1.1

Equipment and Material
Fluidized Bed

The experiments were conducted in a pilot-scale fluidized bed, with a 0.45 m high windbox, a perforated plate distributor, a 1.5 m high section of rectangular cross-section (1.2
m × 0.15 m) and a 1 m high disengaging section (1.2 m × 0.47 m) (Fig. 2-1). The
rectangular cross section fluidized bed (quasi-2D) provided enough dimension to test a
scaled down industrial spray nozzle (Joness, 2019a) as well as the ability to map the bed
hydrodynamics (Bhatti, 2017), while keeping the ability to transfer particle circulation
pattern information to cylindrical equipment (Börner et al., 2014). The increase of
column cross-sectional area in the disengaging section divides the superficial gas velocity
by about 3, thus greatly reducing the solids entrainment rate (Briens et al., 1990).

Fig. 2-1. Experimental setup for liquid injection
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The external wall of the column and cyclone train was insulated with ceramic fiber to
limit heat loss. The column has a perforated plate-type gas distributor which was divided
into two equal size East and West wind-boxes. This construction enabled different
fluidization gas velocity between the 2 halves of the fluidized bed (Bhatti, 2017). The
pressure drop across the distributor grid also increased as fluidizing air flowrate increased
(Table 2-1).
Table 2-1. The pressure drop of distributor grid with its gas velocity
Grid pressure
drop, Pa

Superficial Gas Velocity
0.3 m/s

0.58 m/s

West

31060

72100

East

32120

73860

The bed particles consisted of 150 kg of Silica sand with a Sauter mean diameter of 190
𝜇𝑚 (Fig. 2-2) and an apparent particle density of 2650 kg/m3. When defluidized, the bed
density is 1800 kg/m3 and its height is 0.47 m. The sand particles were selected to
provide results relevant to the Fluid Coking process:
•

Both sand and coke particles are angular.

•

As shown in Chapter 1, most industrial applications of liquid injection in fluidized
beds involve liquids that wet the bed particles; this is the case for Fluid Coking since
bitumen wets coke particles (Prociw, Briens, Berruti, and McMillan, 2018). Previous
studies (Mohagheghi, Hamidi, Briens, Berruti, and McMillan, 2014) have shown that
sand particles are wettable by water-based solutions.

•

Heat balances shown in Appendix A.1 demonstrate that the same volume of
emulsion is required to provide enough heat to vaporize 1 kg of injected liquid in the
water-silica sand and bitumen-coke systems. This is another important reason for
selecting a water-silica sand system to simulate the condition in a bitumen-coke
system in a Fluid Coker.

•

In an industrial Fluid Coker, the superficial gas velocity increases with bed height, as
a result of the vapors generated by the coking of the injected feedstock (Section 1.6).
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Consequently, the fluidization regime changes from bubbling to turbulent, and
according to the correlation from Bi et al. (1995).

Fig. 2-2. Particle size distribution of silica sand in the fluidized bed (Pardo Reyes,
2015)
Air is the fluidization gas in all experiments. A 7.5 kW electric heater upstream of each
wind-box preheated the air. The fluidization air properties are shown in Table 2-2.
Table 2-2. Fluidization gas properties
Gas Properties

Air

Temperature, oC

140

Density, kg/m3

Dynamic Viscosity, kg/m. s

𝑈0 (m/s)
0.3
0.38
0.44
0.5

Density (kg/m3)
1.18
1.28
1.43
1.54
-5
2.38 ∙ 10

Specific Heat, J/mol. K

29.44

Relative Humidity, %

< 15
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The column also had a horizontal perforated plate-type baffle installed 0.97 m from the
gas distributor grid. The baffle had 9 mm diameter holes with a 30 % open area (Fig. 23). The baffle segregated the bed and freeboard sections and helped reduce vertical backmixing of vapor from the freeboard to the bed.

Fig. 2-3. Horizontal baffle with 30 % open area
However, the baffle is not effective if the bed surface is higher than the baffle. Therefore,
even at the highest superficial gas velocity (0.6 m/s) the bed height should still be lower
than the baffle height (Fig. 2-4).

Fig. 2-4. Measurement of bed height with static pressure at different heights from
the gas distributor grid
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A train of 2 cyclones in series recovered entrained particles from the gas coming out of
the column. The particles recovered by the primary cyclone recirculated to the bed
through a dipleg. Another important function of the cyclone train in this research is as a
flowmeter of the gas coming out of the column, as shown in section 2.2.

2.1.2
2.1.2.1

Liquid Injection System
Liquid Properties

Room temperature deionized water was selected because it has a similar viscosity to
bitumen at nozzle upstream conditions. The wettability of water and silica sand is also
similar to that of bitumen and coke (Prociw, Briens, Berruti, and McMillan, 2018).
Liquid properties are shown in Table. 2-3.
Table 2-3. Injected liquid properties
Type of liquid
Temperature, oC
Density, kg/m3
Dynamic Viscosity, kg/m.s

2.1.2.2

Deionized Water
20
998
9.772 ∙ 10-4

Boiling point, oC

100

Latent heat of vaporization, kJ/mol

44.2

Liquid Injection Flowrate Control

Compressed N2 pushed the liquid from the blow tank to the premixer where it mixed with
atomization gas and then discharged into the fluidized bed in the form of spray jet. The
liquid flowrate therefore depended on the blow tank pressure set with a pressure regulator
and monitored by PT-03 (Fig. 2-5). A solenoid valve programmatically opened 10 s after
the data acquisition started and remained open long enough for all the liquid in the blow
tank to flow out. The valve kept the start and end time of injection consistent between
runs. Having a solenoid valve also restricted the N2 from getting into the fluidized bed
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after the blow tank was emptied of liquid. Downstream of the solenoid valve, a flow
control orifice (1.6 mm ID) helped to maintain a constant flowrate of liquid to the
premixer during injection.

a)

Fig. 2-5. Liquid injection system
A measured mass of deionized water was introduced in the blow tank before each run, so
that the mass of injected liquid was always known. The liquid flowrate was then obtained
from the injection time, which was determined from the premixer pressure (PT-02 in Fig.
2-5). The premixer was located upstream of the spray nozzle to mix the liquid and
atomization gas. The premixer pressure was monitored through PT-02 which is connected
to a DAQ system. When the solenoid valve opened, the premixer pressure increased
steeply indicating the start of injection (Fig. 2-6). The end of injection was marked when
the premixer pressure spiked and then steadily dropped as no more liquid flowed. Please
note that the solenoid valve at the bottom of the blow tank was always left open long
enough for all the liquid to flow out of the blow tank.
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b)

Fig. 2-6. Determination of the spray injection duration.

2.1.2.3

Atomization Gas Flowrate Control

The experiments used compressed N2 to atomize the injected liquid. The flow control
orifice maintained N2 flowing to the pre-mixer in choked flow, so the flowrate remained
constant despite a surge of pressure from the injected liquid in the blow tank (Fig. 2-5).
Calibration of the pressure upstream of flow control orifice (PT-01) and flowrate of
nitrogen coming through gave a correlation of nitrogen mass flowrate for atomization.
Table 2-4. Atomization gas properties
Gas Properties

Nitrogen

Temperature, oC

20

Dynamic Viscosity, kg/m. s
Specific Heat, J/mol. K

1.75 ∙ 10-5
29.12
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2.1.2.4

Spray Nozzle Geometry

Gas atomized-water was sprayed into the fluidized bed through a scaled-down version of
an industrial spray nozzle called a TEB spray nozzle (Chan et al., 2001) (Fig. 2-7).
During injection, the water flux through the nozzle tip was 22.5 g/mm2s to simulate the
industrial liquid flux.

Fig. 2-7. TEB spray nozzle diagram (Joness, 2019a)
The selection of spray nozzle and conduit was based on past open spray and in bed
testing by Joness (2019). The experiments employed a TEB spray nozzle with a diameter
(“DN”) of 1 mm with a conduit inner diameter of 1.55 mm. Another nozzle with a DN of
1.41 mm was used for investigating the impact of spray nozzle scale; the conduit inner
diameter for this spray nozzle was 2.16 mm.

2.1.3

Sensors

The experiments employed sensors to obtain and monitor important changes. Pressure
transducers, an oxygen sensor, and thermocouples were the type of sensors in the
experiments and they were connected to a DAQ system. Pressure transducers returned the
voltage/VDC from which the gauge pressure was obtained through separate calibration
(Appendix Fig. A-1). Meanwhile, the oxygen sensor returned the oxygen concentration in
mol-% and the thermocouples returned temperature in oC.

2.1.3.1

Fluidization air flow control and Wind-boxes Pressure

The fluidization air flowrate was controlled by using a pressure regulator to change the
pressure (PT-04 or PT-08) upstream of a flow control orifice panel for each wind-box
(Fig. 2-8). Flow control orifices operating under sonic flow conditions helped maintain
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the mass flowrate constant even when the pressure in the column and in the wind-boxes
varied. There are two identical panels to control air flowrate to each East and West windboxes.

Fig. 2-8. Fluidization air flow control.
S, M, and L are the 3 different sizes of the orifice. They were first calibrated to get the
correlation of air mass flowrate and orifice upstream pressure. The calibration was done
with all possible combinations of ball valve positions upstream of each orifice. From the
air mass flowrate, the freeboard pressure and the bed temperature, the fluidization
superficial velocity at the bed surface from each gas distributor can be calculated.
Downstream of the orifice panel, PT-09 and PT-10 recorded the pressure in the two
wind-boxes.

2.1.3.2

Freeboard Pressure Transducer

A pressure transducer was installed at the top of the column, PT-FR (Fig. 2-1), to record
the freeboard pressure (“𝑃𝐹 ”) during the experiment. The cyclone pressure drop (∆𝑃𝑐𝑦𝑐 )
is the difference between the freeboard pressure and atmospheric pressure.
Cyclone pressure drop is the main indicator of changes in gas flowrate through the
column outlet resulting from liquid vaporization in the fluidized bed. It is therefore
important to test how sensitive the cyclone pressure drop responded to an instantaneous
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increase of gas flowrate. A N2 pulse was injected into the column at room temperature at
3 different vertical locations relative to the column outlet, ∆𝑧𝑖 (Fig. 2-9). Silica sand was
not present in the bed and the superficial gas velocity was 0.3 m/s.

Fig. 2-9. Experimental setup for testing cyclone pressure drop response.
Time-series data of cyclone pressure drop showed that the peaks for all injection
locations were at a similar time despite having very different distances from the column
outlet (Fig. 2-10b). This verified that the cyclone pressure drop can detect the increase of
mass flowrate coming from any source location in the bed. The peaks were also separated
less than 1 s from the time of the N2 pulse which indicates that the response of the
pressure transducer to increasing mass flowrate was nearly instantaneous.
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a)

b)

Fig. 2-10. a) the N2 pulse injection; b) Cyclone pressure drop response at different
distance from outlet (∆𝒛𝒊 )
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2.1.3.3

Oxygen Sensor

An oxygen sensor (“OS”) was installed at the column outlet and connected to an Arduino
Uno microcontroller board to record the oxygen concentration in the gas at the column
outlet (Fig. 2-1). The sensor probe had a fast response (less than 100 ms) and was sturdy
enough to resist erosion by the fine particles suspended in the gas at the column outlet.
The sensor system comprised of a Lambda sensor and its shield for the Arduino
microcontroller board (Fig. 2-11).

Fig. 2-11. Oxygen sensor system configuration (Bylund Automotive, 2018)
The wide band lambda sensor LSU is a planar ZrO2 dual cell limiting current sensor with
an integrated heater. The sensor is designed to measure the oxygen content and the λvalue of exhaust gases in automotive engines. The sensor can also be used outside an
exhaust gas system, e.g. in air (Bosch, 2005). The sensors zirconium dioxide membrane
operates at approximately 650°C. The CJ125 controller gives a temperature feedback for
heat regulation purposes (Bylund Automotive, 2018).
The Arduino response was delayed by about 300 - 400 ms relative to the main DAQ and
synchronization between Arduino and DAQ measurements was required for accurate
results. The premixer pressure transducer (PT-02) was connected to both the DAQ and the
Arduino. The pre-processed signal was synchronized by using the sharp increase in
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premixer pressure corresponding to the start of the injection. This method synchronized the
oxygen concentration signal with all the DAQ measurements.

2.1.3.4

Thermocouples

The bed temperature was obtained from 28 type K thermocouples arranged in a matrix
across the bed section (Fig. 2-12). The thermocouples response time was 2 s and the
DAQ system recorded the local bed temperature from each thermocouple at a rate of 1
Hz.

Fig. 2-12. Bed thermocouple arrangement.
The freeboard and cyclone train temperature must stay above boiling point of injected
liquid. To keep them in check, a thermocouple was installed at the end of freeboard
section and at the outlet of the secondary cyclone where both were connected to a
thermocouple reader.

42

2.2
2.2.1

Experimental Methods
Experimental Procedure

Standard operating procedure for the liquid injection system:
1. The liquid injection system configuration must follow Fig. 2-5,
2. Program the solenoid valve to open 10 s after data acquisition started and to close,
just after the desired injected liquid mass,
3. All valves in the injection system must first be closed,
4. Open the liquid inlet valve of the blow tank, pour the liquid in, and close the inlet
valve,
5. Pressurize blow tank to the desired liquid flowrate,
6. Open the atomization gas valve and set pressure at PT-01 to the desired
atomization gas flowrate,
7. Start the DAQ system and let the injection run by the programmed controller,
8. Stop the DAQ when all the conditions in the control panel return to initial
condition,
9. Close the atomization gas valve,
10. Depressurize the blow tank by opening the liquid inlet valve.
Standard operating procedure for the fluidized bed:
1.
2.
3.
4.

Follow experimental setup/configuration Fig. 2-1,
Follow the steps 1 to 5 of the liquid injection system procedure.
Fill the bed with 150 kg of Silica sand (SMD 190 𝜇𝑚; 𝜌𝑝 2650 kg/m3),
Open the atomization gas valve and set pressure at PT-01 to the desired
atomization gas flowrate,
5. Set the fluidization gas to optimum flowrate for heating,
6. Turn on the electric heater, adjust the set point to 250 oC, and wait until the bed
reaches required average bed temperature of the experiment,
7. Set the fluidization gas to the required superficial velocity of the experiment,
8. Start the DAQ system and let the injection run by the programmed controller,
9. Stop the DAQ when all the conditions in the control panel return to initial
condition,
10. Turn off the electric heater,
11. Turn off the fluidization gas,
12. Close the atomization gas valve,
13. Depressurize the blow tank by opening the liquid inlet valve.
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2.2.2

Calculation Procedure of Vaporization Rate

The liquid injection experiments returned the data in Fig. 2-13. This graph is in
normalized format to ease presentation, but we should use the absolute value for the data
processing. Calibration of the pressure transducers in the freeboard (Fig. A-1 in Appendix
A) and in the two wind-boxes (Fig. A-2 in Appendix A) was necessary to calculate the
instantaneous flowrate of fluidization air from the two wind-boxes into the fluidized bed.
𝑃𝐹 = 𝑎𝐹 + 𝑏𝐹 𝑉𝐹

(2-1)

𝑃𝑤𝑏,𝑤𝑒𝑠𝑡 = 𝑎𝑤𝑒𝑠𝑡 + 𝑏𝑤𝑒𝑠𝑡 𝑉𝑤𝑏,𝑤𝑒𝑠𝑡

(2-2)

𝑃𝑤𝑏,𝑒𝑎𝑠𝑡 = 𝑎𝑒𝑎𝑠𝑡 + 𝑏𝑒𝑎𝑠𝑡 𝑉𝑤𝑏,𝑒𝑎𝑠𝑡

(2-3)

Fig. 2-13. Normalized raw data from the recorded cyclone pressure drop and water
vapor concentration at column outlet (GLR 2 %; U0= 0.3 m/s; FL=22.5 g/mm2·s;
mL= 0.3 kg).
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A calibration was conducted to obtain a correlation between the pressure drop across
each of the two gas distributor grids and the superficial velocity of the gas flowing
through the distributor grid (Fig. A-3 in Appendix A).
∆𝑃𝑔𝑟𝑖𝑑,𝑤𝑒𝑠𝑡

𝑈0 = 𝑏𝑐𝑜𝑟𝑟,𝑤𝑒𝑠𝑡 (

𝑏𝑤𝑒𝑠𝑡

𝑏𝑐𝑜𝑟𝑟,𝑤𝑒𝑠𝑡 =

𝑑𝑈0
∆𝑃𝑔𝑟𝑖𝑑,𝑤𝑒𝑠𝑡

𝑑(

𝑏𝑤𝑒𝑠𝑡

∆𝑃𝑔𝑟𝑖𝑑,𝑒𝑎𝑠𝑡

𝑈0 = 𝑏𝑐𝑜𝑟𝑟,𝑒𝑎𝑠𝑡 (

𝑏𝑒𝑎𝑠𝑡

𝑏𝑐𝑜𝑟𝑟,𝑒𝑎𝑠𝑡 =

) + 𝑐𝑜𝑛𝑠𝑡𝑎𝑛𝑡

(2-5)
)

) + 𝑐𝑜𝑛𝑠𝑡𝑎𝑛𝑡

𝑑𝑈0
∆𝑃𝑔𝑟𝑖𝑑,𝑒𝑎𝑠𝑡

𝑑(

(2-4)

𝑏𝑒𝑎𝑠𝑡

(2-6)

(2-7)
)

We can thus obtain the instantaneous molar flowrate going into the column through each
gas distributor. The initial molar flowrate only came from the fluidization gas, so we can
obtain it based on the known gas velocity, 𝑈𝑔,𝑒𝑎𝑠𝑡 and 𝑈𝑔,𝑤𝑒𝑠𝑡 , from fluidization air flow
control calibration.
𝑃

𝑛̇ 𝑖𝑛,0 = 𝑅(273.15𝑎𝑡𝑚
𝐾+𝑇̅

𝐴
)
𝑏𝑒𝑑 2

𝑃

𝛽𝑤𝑒𝑠𝑡 = 𝑅(273.15𝑎𝑡𝑚
𝐾+𝑇̅

𝐴
𝑏𝑒𝑑 ) 2

𝑃

𝛽𝑒𝑎𝑠𝑡 = 𝑅(273.15𝑎𝑡𝑚
𝐾+𝑇̅

𝐴
𝑏𝑒𝑑 )

2

(𝑈𝑔,𝑒𝑎𝑠𝑡 + 𝑈𝑔,𝑤𝑒𝑠𝑡 )

(2-8)

∙ 𝑏𝑐𝑜𝑟𝑟,𝑤𝑒𝑠𝑡

(2-9)

∙ 𝑏𝑐𝑜𝑟𝑟,𝑒𝑎𝑠𝑡

(2-10)

The molar flowrate flowing from the wind-boxes into the bed at time ti can be obtained
from:
𝑛̇ 𝑖𝑛,𝑖 = 𝑛̇ 𝑖𝑛,0 + 𝛽𝑒𝑎𝑠𝑡 [(𝑉𝑤𝑏,𝑒𝑎𝑠𝑡,𝑖 − 𝑉𝑤𝑏,𝑒𝑎𝑠𝑡,0 ) − 𝑏

𝑏𝐹
𝑒𝑎𝑠𝑡

(𝑉𝐹𝑖 − 𝑉𝐹0 )] + 𝛽𝑤𝑒𝑠𝑡 [(𝑉𝑤𝑏,𝑤𝑒𝑠𝑡,𝑖 −
𝑉𝑤𝑏,𝑤𝑒𝑠𝑡,0 ) −
𝑏𝐹
𝑏𝑤𝑒𝑠𝑡

(𝑉𝐹𝑖 − 𝑉𝐹0 )]
(2-11)
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The molar flowrate of gas exiting the column was obtained from the freeboard pressure
transducer records, using the ideal gas law and the observed linear relationship between
flowrate through the cyclones and the cyclone pressure drop. First, the molar flowrate can
be obtained for the steady conditions before liquid injection:
𝑛̇ 𝑜𝑢𝑡,0 = 𝐴

𝑃𝑎𝑡𝑚

𝑈𝑔,𝑒𝑎𝑠𝑡 +𝑈𝑔,𝑤𝑒𝑠𝑡

𝑅(273.15 𝐾+𝑇̅𝑏𝑒𝑑 )

2

(2-12)

Since the composition of the gas entering the cyclone train affects the pressure drop, a
correction factor is developed to account for the steam concentration (𝑦𝐻2 𝑂 ) in gas in the
cyclone inlet:
𝜆𝑎𝑖𝑟 =

1−𝑦𝑂2,𝑎𝑖𝑟

=

𝑦𝑂2,𝑎𝑖𝑟

1−0.20946
0.20946

= 3.7742

𝑦𝐻2 𝑂,𝑖 = 1 − (1 + 𝜆𝑎𝑖𝑟 )𝑦𝑂2,𝑖
𝛾𝑖 =

(2-13)

(2-14)

(𝑦𝐻2 𝑂,𝑖 𝑀𝐻2 𝑂 )+(1−𝑦𝐻2 𝑂,𝑖 )𝑀𝑎𝑖𝑟

(2-15)

𝑀𝑎𝑖𝑟

We can then obtain the molar flowrate going through the cyclone at time ti:
𝛽=

𝑁𝐻2 𝑂
∆𝑃𝑐𝑦𝑐 −∆𝑃𝑐𝑦𝑐0
𝑖𝑒𝑧
𝑖
)
∆𝑡 ∑𝑖=𝑖 (
𝛾𝑖
𝑠𝑧

𝑛̇ 𝑜𝑢𝑡,𝑖 = 𝑛̇ 𝑜𝑢𝑡,0 + 𝛽 (

∆𝑃𝑐𝑦𝑐𝑖 −∆𝑃𝑐𝑦𝑐0
𝛾𝑖

(2-16)

)

(2-17)

The moles of gas accumulated in the column can be obtained from the ideal gas law:
𝑀

1

𝑛𝑎𝑐𝑐𝑢,𝑖 = (𝑉𝑐𝑜𝑙𝑢𝑚𝑛 − 𝜌 𝑠 ) (𝑅(273.14 𝐾+𝑇̅
𝑝

𝑏𝑒𝑑 )

) (𝑃𝐹,𝑖 − 𝑃𝐹,0 )

(2-18)

The molar flowrate of vapors generated at time ti can then be obtained from a mass
balance:
𝑛̇ 𝑉,𝑖 = 𝑛̇ 𝑜𝑢𝑡,𝑖 − 𝑛̇ 𝑖𝑛,𝑖 + 𝑛𝑎𝑐𝑐𝑢,𝑖

(2-19)
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Normalizing 𝑛̇ 𝑉,𝑖 and converting it to a cumulative fraction format resulted in the
“vaporized fraction” curve (Fig. 2-14). 𝑛̇ 𝑜𝑢𝑡,𝑖 were multiplied with 𝑦𝐻2 𝑂 to obtain the
flowrate of vapor coming out of the fluidized bed column, 𝑛̇ 𝐻2 𝑂,𝑜𝑢𝑡 . It was then
normalized and converted to cumulative fraction shown as “Vapor out fraction”.

Fig. 2-14. Typical results of experiment data processing: injected fraction, vaporized
fraction, and vapor out fraction. (GLR=2 %; 𝑼𝟎 = 0.3 m/s; FL=22.5 g/mm2·s; mL=
0.3 kg)
Throughout this thesis, the rate of vapor generation is characterized by the proportion of
accumulated liquid in the bed during steady state (𝜙𝑎𝑐 ). At first, when liquid injection
was started, some of the injected liquid did not vaporize as soon as it was injected as it
might, for example, be trapped in agglomerates. Liquid trapped in an agglomerate will
eventually vaporize when the agglomerate breaks up. Over time, as agglomerates
accumulated in the bed, the rate at which liquid was freed from older agglomerates
became equal to the rate at which freshly injected liquid was trapped in new
agglomerates, and steady-state operation was achieved.
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Once steady-state operation has been reached, we can easily determine the amount of
accumulated liquid by integrating the vapor flowrate after the end of the injection (Fig. 215). To demonstrate steady state, we can compare the differential curves from “vaporized
fraction” and “injected fraction”. We can obtain the rate of vaporization by multiplying
with the total injected liquid. We are certain that steady state was achieved when both
rate of vaporization (𝑛̇ 𝑣𝑎𝑝 ) and injection (𝑛̇ 𝑖𝑛𝑗 ) are equal (Fig. 2-15). Fig. 2-15 shows
that, under these conditions, it took about 7 s for steady-state to be achieved.

Fig. 2-15. Steady state was reached when both rate of vaporization (𝒏̇ 𝒗𝒂𝒑) and
injection (𝒏̇ 𝒊𝒏𝒋 ) are equal (GLR 2 %; 𝑼𝟎 0.3 m/s; FL 22.5 g/mm2·s; mL 0.3 kg)
All experiments were then set up to achieve steady-state. Then, the accumulated liquid is
obtained from the remaining liquid in the bed at the end of steady state, which is the end
of injection (Fig. 2-16).
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Fig. 2-16. The rate of vapor generation is characterized by accumulated liquid at the
end of steady state. (GLR 2 %; 𝑼𝟎 0.3 m/s; FL 22.5 g/mm2·s; mL 0.3 kg)

2.2.3

Experimental Method to Measure Heat Deficit and Vapor
Saturation in the Absence of Agglomeration

Section 1.8 shows that delay in vapor generation could be caused by agglomerate
formation, local heat deficit, or local vapor saturation. In the following subsections, we
will review the potential causes of vaporization delay and the experimental methods used
to identify each cause:

2.2.3.1

Agglomerate formation

With agglomerate formation, liquid trapped within agglomerates does not vaporize as
quickly, as heat must diffuse from the bed through the outer layers of the agglomerate to
provide enough heat for liquid vaporization. The effect of agglomerate formation is
usually studied using a TEB nozzle (Chan et al., 2001) as explained in subsection 2.1.2.4.
The various mechanisms of vapor generation that occurs in the agglomerate stage are
described in Fig. 2-17.
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2.2.3.2

Local Heat Deficit with Wet Non-Agglomerated Solids

Local heat deficit refers to the need for enough heat from the rest of the fluidized bed to
come to non-agglomerated wet particles for liquid vaporization. For example, when 300 g
of liquid was injected into the bed of 150 kg of sand at 140 ºC, contact with a minimum
of about 10 wt-% of the bed particles (i.e. about 15 kg) was required to vaporize the
injected liquid. Vaporization delay would take place when surrounding particle flow is
not enough to heat the liquid in an agglomerate or free liquid released from agglomerate
breakage (Fig. 2-17).

Fig. 2-17. Various mechanisms of vapor generation for liquid injected into a
fluidized bed
High GLR (> 40 wt-% gas-to-liquid ratio) liquid injection nozzles can nearly eliminate
agglomerate formation (Mohagheghi Dar Ranji, 2014). The High GLR nozzle was 4 mm
straight metal tubing. Using high GLR injection into a fluidized bed and the vaporization
rate measurement, we propose a method to demonstrate the local heat deficit. As heat
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primarily comes from solid particles, adequate renewal of local hot solids (𝑚̇𝑠 ) is vital to
vaporize local free liquid, and this leads us to the importance of solid mixing (Eq. 2-20).
𝑚̇𝑣𝑎𝑝 = (−

𝑑𝑚𝐿,𝐼
𝑑𝑡

) =

𝑚̇𝑠 𝐶𝑝,𝑠 (𝑇𝑏𝑒𝑑 −𝑇𝑙𝑏 )
∆𝐻𝑣

(2-20)

In High GLR injection, the bed particles would essentially heat the sprayed droplet by
entering the spray jet cavity (Ariyapadi, 2004) or by impinging the wet non-agglomerated
particles. We performed two set of experiments with different mass flowrates of liquid at
High GLR conditions. The results shown in Fig. 2-18 indicate that increasing the
superficial gas velocity improved vaporization. A linear regression was performed for
each liquid flowrate: there was only 78.5 % probability for gas velocity to have an impact
on accumulated liquid at a liquid flowrate of 18.4 g/s. Meanwhile, there was 96.5 %
probability for gas velocity to have an impact on reduction of accumulated liquid at a
liquid flowrate of 28.2 g/s.
Faster vaporization might be attributed to increasing solids mixing brought by the bubble
wake as the bubble volume fraction increases with increasing superficial gas velocity
(Mohagheghi Dar Ranji, 2014). Bubbles carry solids in their wake. Increasing the bubble
volume fraction would have two beneficial impacts: bubbles would bring more solids into
the jet cavity and would enhance solid mixing throughout the rest of the bed. This would
enhance the mixing of hot solids with the injected liquid, accelerating the liquid
vaporization. The impact of solids mixing was more crucial at the higher liquid flowrate,
for which more hot solids must be brought into contact with the injected liquid to affect
vaporization.
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Accumulated liquid at the end of steady state, g
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𝐺𝐿𝑅 29 %; 𝑚𝐿,𝐼 500 𝑔; 𝑚̇ 𝐿,𝐼 28.2 𝑔/𝑠
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Fig. 2-18. Indication of local heat deficit by High GLR injection into fluidized bed at
various superficial gas velocities (U0)
(Straight 4 mm ID; Nozzle tip lateral location 0.1 m; Tbed,0 140 oC; Accumulated liquid at
the end of steady state = 𝜙𝑎𝑐 × 𝑚𝐿,𝐼 )
Intermixing of hot solids and wet solids play a key role in providing heat that is required
for liquid vaporization. The relationship between bed temperature and the amount of
liquid accumulated can be obtained from the following heat balance.
The rate at which heat is brought to the evaporation zone is given by:
𝑑𝑄𝑖𝑛
= 𝑚̇𝑠 𝐶𝑝,𝑠 (𝑇𝑏𝑒𝑑 − 𝑇𝑙𝑏 )
𝑑𝑡
The heat required to vaporize the injected liquid is given by:
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𝑑𝑄𝑣𝑎𝑝
= 𝑚̇𝐿,𝐼 ∆𝐻𝑣𝑎𝑝
𝑑𝑡
If

𝑑𝑄𝑖𝑛
𝑑𝑡

<

𝑑𝑄𝑣𝑎𝑝
𝑑𝑡

, there is a heat limitation, and un-vaporized liquid accumulates in the

fluidized bed, expressed as:
𝑑𝑄𝑣𝑎𝑝 𝑑𝑄𝑖𝑛
−
𝑑𝑡
𝑑𝑡 = 𝑚̇
𝐿,𝑎𝑐
∆𝐻𝑣𝑎𝑝
For injection time of 𝑡𝐼 , the mass of accumulated liquid at the end of injection becomes:
𝑚𝐿,𝑎𝑐 = 𝑚̇𝐿,𝑎𝑐 ∙ 𝑡𝐼
If 𝑚̇𝐿,𝐼 is the liquid injection flowrate, the proportion of injected liquid that has
accumulated at the end of injection can be expressed as:

𝜙𝑎𝑐

𝜙𝑎𝑐 =

𝑑𝑄𝑣𝑎𝑝 𝑑𝑄𝑖𝑛
𝑚𝐿,𝑎𝑐 𝑚̇𝐿,𝑎𝑐 𝑡𝐼 ( 𝑑𝑡 − 𝑑𝑡 ) 𝑡𝐼
=
=
=
𝑚𝐿,𝐼
𝑚̇𝐿,𝐼 𝑡𝐼
∆𝐻𝑣𝑎𝑝 𝑚̇𝐿,𝐼 𝑡𝐼

𝑚̇𝐿,𝐼 ∆𝐻𝑣𝑎𝑝 − 𝑚̇𝑠 𝐶𝑝,𝑠 (𝑇𝑏𝑒𝑑 − 𝑇𝑙𝑏 )
𝑚̇𝑠 𝐶𝑝,𝑠
(𝑇 − 𝑇𝑙𝑏 )
=1−
𝑚̇𝐿,𝐼 ∆𝐻𝑣𝑎𝑝
𝑚̇𝐿,𝐼 ∆𝐻𝑣𝑎𝑝 𝑏𝑒𝑑

Therefore, when the bed temperature (𝑇𝑏𝑒𝑑 ) changes the proportion of accumulated liquid
(𝜙𝑎𝑐 ) shall change linearly, as:
𝑚̇𝑠 𝐶𝑝,𝑠 𝑇𝑙𝑏

𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅 = 1 + 𝑚̇

𝐿,𝐼 ∆𝐻𝑣𝑎𝑝

𝑚̇𝑠 𝐶𝑝,𝑠

− 𝑚̇

𝐿,𝐼 ∆𝐻𝑣𝑎𝑝

𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅 = 𝛽𝐻 − 𝛼𝐻 𝑇𝑏𝑒𝑑
Where,
𝛼𝐻 =

𝑚̇𝑠 𝐶𝑝,𝑠
𝑚̇𝐿,𝐼 ∆𝐻𝑣𝑎𝑝

𝑇𝑏𝑒𝑑

(2-21)
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𝛽𝐻 = 1 +

𝑚̇𝑠 𝐶𝑝,𝑠 𝑇𝑙𝑏
𝑚̇𝐿,𝐼 ∆𝐻𝑣𝑎𝑝

A set of experiments were conducted with HGLR injection and a superficial gas velocity
of 0.3 m/s. The results above 120 oC indeed exhibited a linear relationship between bed
temperature and the proportion of accumulated liquid at the end of steady state (Fig. 219). As heat flux was the primary process that affect the vaporization, we identify this
with the additional subscript H,HGLR and it becomes 𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅 .
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Fig. 2-19. The results of HGLR experiments at different initial bed temperatures
above 120 oC.
(GLR 44 %; U0 0.3 m/s; 𝑚𝐿,𝐼 300 g; 𝑚̇𝐿,𝐼 18.4 g/s)
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2.2.3.3

Local Vapor Saturation

With a pure liquid, when the local bed temperature is below the liquid boiling point, the
partial pressure of the vapors in the surrounding emulsion phase gas will have an impact
on the vaporization rate, due to a possible mass transfer limitation, as shown by Eq. 2-22.
With liquid mixtures, similar vapor saturation may occur, although the thermodynamic
equations are more complex.
𝑚̇𝑣𝑎𝑝 = (−

𝑑𝑚𝐿,𝐼
𝑑𝑡

) = 𝐴𝑤 𝑀𝑤 𝑘𝑝 (𝑃𝑠𝑎𝑡 − 𝑃𝑣 ) = (𝑦 ∗ − 𝑦)𝑘𝐴𝑤 𝑀𝑤

(2-22)

Bed regions at risk for potential local vapor saturation can be identified by measuring the
bed temperature at various locations and checking whether it drops below the boiling
point. The experiments were done with initial bed temperature slightly above the water
boiling point. High GLR was also employed to eliminate the impact of agglomerate
formation. We firstly observed the features of the 2D temperature map (Fig. 2-20).

Fig. 2-20. Typical results of 2D temperature map from 28 bed thermocouples.
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(GLR 44 %; U0 0.3 m/s; 𝑚𝐿,𝐼 300 g; 𝑚̇𝐿,𝐼 18.4 g/s; Tbed,0 104 oC)
The region with temperature below the boiling point (blue) was detected at 14 s after the
start of injection and local vapor partial pressure potentially delayed the vaporization in
this region of the bed. As vaporization continues, the region where temperature was
below the boiling point expanded until vaporization completed.
1
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𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅 = 0.48 − 0.0028 𝑇𝑏𝑒𝑑
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Fig. 2-21. The results of HGLR experiments in different initial bed temperature.
(GLR 44 %; U0 0.3 m/s; 𝑚𝐿,𝐼 300 g; 𝑚̇𝐿,𝐼 18.4 g/s)
Referring to Fig. 2-21, local vapor saturation clearly occurred where the bed temperature
is below 100 oC. Let us first investigate the key contributors of the experimental results
from the first principle. We can take a simple PF-M two-phase model (Cheremisinoff and
Gupta, 1983) where we have plug flow in the bubble phase and a CSTR in the emulsion
phase. If ϰ𝑖𝑛 is the humidity of fluidization air coming into the column in kg of water
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vapor per kg of dry air), we can obtain the mass flowrate of air through each phase on a
dry basis (𝑚̇𝑔 ) as:
𝑚̇𝑔 = 𝑚̇𝑔,𝑑𝑟𝑦 =

𝑚̇𝑔,𝑡𝑜𝑡𝑎𝑙
1 + ϰ𝑖𝑛

For the inlet condition, we can assume the gas flowrate is split between the emulsion
phase and bubble phase. Therefore,
𝑚̇𝑔,𝑚𝑓 =

𝐴𝑏𝑒𝑑 𝑈𝑔,𝑚𝑓 𝜌𝑔,𝑓𝑟𝑒𝑒𝑏𝑜𝑎𝑟𝑑
1 + ϰ𝑖𝑛

𝑚̇𝑔,𝑏 = 𝑚̇𝑔 − 𝑚̇𝑔,𝑚𝑓
As we have plug flow in the bubble phase, the gas exchange with the emulsion phase in
slice 𝑑𝑧 is depicted in Fig. 2-21.

Fig. 2-22. Illustration of bubble gas exchange with emulsion phase at slice 𝒅𝒛.
The total flow of gas exchanged over slice with thickness 𝑑𝑧 can be expressed as,
𝑚̇𝑔,𝑒𝑥 = 𝑚̇𝑔𝑏

𝑑𝑧
𝐻𝑉𝐷
𝑑𝑧

Here total flow of gas exchange is proportional to 𝐻

𝑉𝐷

, where 𝐻𝑉𝐷 is the Van Deemter’s

height of a transfer unit or the height over which the whole bubble flow (𝑚̇𝑔𝑏 ) is
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exchanged (van Deemter, 1961). When the gas flows from bubble to emulsion, it has a
humidity of ϰ. Meanwhile, when the gas comes back from emulsion to bubble phase, it
has been saturated due to vapor generated in emulsion phase and therefore has a humidity
of ϰ∗ . Consequently, the net gain of vapor in the gas bubbles from this exchange
becomes: 𝑚̇𝑔,𝑒𝑥 (ϰ∗ − ϰ𝑖𝑛 ).
We can now derive the mass balance over slice 𝑑𝑧 as follows,
𝑚̇𝑔,𝑏 𝑑𝜘 = 𝑚̇𝑔,𝑒𝑥 (𝜘 ∗ − 𝜘) = 𝑚̇𝑔,𝑏

𝑚̇𝑔,𝑏 𝑑𝜘 = 𝑚̇𝑔,𝑏

𝑚̇𝑔,𝑏

𝑑𝑧
(𝜘 ∗ − 𝜘)
𝐻𝑉𝐷

𝑑𝑧
(𝜘 ∗ − 𝜘)
𝐻𝑉𝐷

𝑚̇𝑔,𝑏
𝑑𝜘
=
𝑑𝑧
𝜘 ∗ − 𝜘 𝐻𝑉𝐷

𝜘𝑜𝑢𝑡

∫
𝜘𝑖𝑛

𝑑𝜘
𝐻𝑏𝑒𝑑
=
− 𝜘 𝐻𝑉𝐷

𝜘∗

Because 𝐻𝑏𝑒𝑑 varies for different superficial gas velocities, we can simplify the model by
modifying the definition of the height of a transfer unit (𝐻𝑉𝐷 ) by expressing it relative to
the bed height at minimum fluidization velocity: 𝐻𝑏𝑒𝑑 = 𝐻𝑚𝑓
𝜘𝑜𝑢𝑡

∫
𝜘𝑖𝑛

𝐻𝑚𝑓
𝑑𝜘
=
− 𝜘 𝐻𝑉𝐷

𝜘∗

𝜘𝑜𝑢𝑡
𝜘𝑜𝑢𝑡
𝐻𝑚𝑓
𝑑𝜘
𝑑(𝜘 ∗ − 𝜘)
=∫
=
−
∫
∗
𝐻𝑉𝐷
𝜘∗ − 𝜘
𝜘𝑖𝑛 𝜘 − 𝜘
𝜘𝑖𝑛

𝐻𝑚𝑓
𝜘 ∗ − 𝜘𝑜𝑢𝑡
= − ln ∗
𝐻𝑉𝐷
𝜘 − 𝜘𝑖𝑛
𝐻𝑚𝑓
𝜘 ∗ − 𝜘𝑜𝑢𝑡
)
= exp (−
∗
𝜘 − 𝜘𝑖𝑛
𝐻𝑉𝐷
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𝜘 ∗ − 𝜘𝑜𝑢𝑡 = (𝜘 ∗ − 𝜘𝑖𝑛 ) exp (−

𝐻𝑚𝑓
)
𝐻𝑉𝐷

𝜘𝑜𝑢𝑡 = 𝜘 ∗ − (𝜘 ∗ − 𝜘𝑖𝑛 ) exp (−

𝐻𝑚𝑓
)
𝐻𝑉𝐷

If the limitation is only the gas transfer, the rate of water removed at steady-state
becomes:
𝑚̇𝑣𝑎𝑝 = 𝑚̇𝑔,𝑏 (𝜘𝑜𝑢𝑡 − 𝜘𝑖𝑛 ) + 𝑚̇𝑔,𝑚𝑓 (𝜘 ∗ − 𝜘𝑖𝑛 )
(𝜘𝑜𝑢𝑡 − 𝜘𝑖𝑛 ) = 𝜘 ∗ − (𝜘 ∗ − 𝜘𝑖𝑛 ) exp (−

𝐻𝑚𝑓
) − 𝜘𝑖𝑛
𝐻𝑉𝐷

(𝜘𝑜𝑢𝑡 − 𝜘𝑖𝑛 ) = (𝜘 ∗ − 𝜘𝑖𝑛 ) (1 − exp (−

𝐻𝑚𝑓
))
𝐻𝑉𝐷

𝑚̇𝑣𝑎𝑝 = (𝜘 ∗ − 𝜘𝑖𝑛 ) [𝑚̇𝑔,𝑚𝑓 + 𝑚̇𝑔,𝑏 (1 − exp (−

𝐻𝑚𝑓
))]
𝐻𝑉𝐷

Liquid accumulation in the fluidized bed over time 𝑡𝐼 is given by:
𝑚𝐿,𝑎𝑐 = 𝑡𝐼 (𝑚̇𝐿,𝐼 − 𝑚̇𝑣𝑎𝑝 )
𝜙𝑎𝑐,𝑉 =

𝜙𝑎𝑐,𝑉 = 1 −

𝑚̇𝑣𝑎𝑝
𝑚𝐿,𝑎𝑐
=1−
𝑚̇𝐿,𝐼 𝑡𝐼
𝑚̇𝐿,𝐼

𝐻𝑚𝑓
[𝑚̇𝑔,𝑚𝑓 + 𝑚̇𝑔,𝑏 (1 − exp (− 𝐻 ))]

𝑇𝑏𝑒𝑑 changes the 𝜘 ∗ , therefore

𝑉𝐷

𝑚̇𝐿,𝐼

(𝜘 ∗ − 𝜘𝑖𝑛 )
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𝜙𝑎𝑐,𝑉,𝐻𝐺𝐿𝑅 = 1 +

−

𝐻𝑚𝑓
[𝑚̇𝑔,𝑚𝑓 + 𝑚̇𝑔,𝑏 (1 − exp (− 𝐻 ))]
𝑉𝐷

𝑚̇𝐿,𝐼

𝐻𝑚𝑓
[𝑚̇𝑔,𝑚𝑓 + 𝑚̇𝑔,𝑏 (1 − exp (− 𝐻 ))]
𝑉𝐷

𝑚̇𝐿,𝐼

𝜘𝑖𝑛

𝜘∗

(2-23)
Here we found that the accumulated liquid in steady state shall linearly change with the
saturated humidity in the gas, such that
𝜙𝑎𝑐,𝑉,𝐻𝐺𝐿𝑅 = 𝛽𝑉 − 𝛼𝑉 𝜘 ∗

𝛽𝑉 = 1 +

𝛼𝑉 =

𝐻𝑚𝑓
[𝑚̇𝑔,𝑚𝑓 + 𝑚̇𝑔,𝑏 (1 − exp (− 𝐻 ))]
𝑉𝐷

𝑚̇𝐿,𝐼

𝜘𝑖𝑛

𝐻𝑚𝑓
[𝑚̇𝑔,𝑚𝑓 + 𝑚̇𝑔,𝑏 (1 − exp (− 𝐻 ))]
𝑉𝐷

𝑚̇𝐿,𝐼

From Eq. 2-23, vaporization is limited by the saturation humidity (𝜘 ∗ ) and mass flowrate
of the fluidizing gas mostly in bubbles (𝑚̇𝑔,𝑏 ). The limitation due to vapor saturation is
further discussed in Chapter 3 where it is called thermodynamic limitation.

NOMENCLATURE
𝑎𝐹

[𝑃𝑎]

𝑎𝑤𝑒𝑠𝑡 , 𝑎𝑒𝑎𝑠𝑡

[𝑃𝑎]

𝐴

[𝑚2 ]

𝐴𝑤

[𝑚2 ]

Calibration constant for freeboard pressure
Calibration constant for west and east windbox pressure
Fluidized bed cross section area
Interfacial area between gas and liquid (water)
in evaporation
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𝑏𝐹

[𝑃𝑎 𝑉 −1]

𝑏𝑤𝑒𝑠𝑡 , 𝑏𝑒𝑎𝑠𝑡

[𝑃𝑎 𝑉 −1]

𝑏𝑐𝑜𝑟𝑟,𝑤𝑒𝑠𝑡 ,
𝑏𝑐𝑜𝑟𝑟,𝑒𝑎𝑠𝑡

[𝑚 𝑠 −1 𝑉 −1]

Calibration gradient for freeboard pressure
Calibration gradient for west and east wind-box
pressure
Correlation of ∆𝑃𝑔𝑟𝑖𝑑,𝑤𝑒𝑠𝑡 and ∆𝑃𝑔𝑟𝑖𝑑,𝑒𝑎𝑠𝑡
respectively to 𝑈0
Mass transfer coefficient associated with molal

𝑘

[𝑚𝑜𝑙 𝑚−2 𝑠 −1 ]

𝑘𝑝

[𝑚𝑜𝑙 𝑚−2 𝑠 −1 ]

𝑀𝑤

[𝑔 − 𝑚𝑜𝑙]

𝑛𝑎𝑐𝑐𝑢,𝑖

[𝑚𝑜𝑙]

𝑛̇ 𝑖𝑛,0

[𝑚𝑜𝑙 𝑠 −1]

Initial molar flowrate going into the column

𝑛̇ 𝑖𝑛,𝑖

[𝑚𝑜𝑙 𝑠 −1]

Total molar flowrate going into the column

𝑛̇ 𝑜𝑢𝑡,0

[𝑚𝑜𝑙 𝑠 −1]

Initial molar flowrate exiting the column

𝑛̇ 𝐻2 𝑂,𝑜𝑢𝑡,𝑖

[𝑚𝑜𝑙 𝑠 −1]

𝑛̇ 𝑜𝑢𝑡,𝑖

[𝑚𝑜𝑙 𝑠 −1]

Total molar flowrate exiting the column

𝑛̇ 𝑉,𝑖

[𝑚𝑜𝑙 𝑠 −1]

The rate of vapor generation in the bed

𝑁𝐻2 𝑂

[𝑚𝑜𝑙]

Total moles of injected liquid tracer (water)

𝑃𝑎𝑡𝑚

[𝑃𝑎]

Atmospheric pressure (101,325 Pa)

𝑃𝐹,0

[𝑃𝑎]

Initial freeboard pressure

𝑃𝐹,𝑖

[𝑃𝑎]

Freeboard pressure as a function of time

𝑃𝑠𝑎𝑡

[𝑃𝑎]

Saturated vapor pressure

𝑃𝑣

[𝑃𝑎]

Partial vapor pressure

[𝑃𝑎]

West and East wind-boxes pressure

𝑃𝑤𝑏,𝑤𝑒𝑠𝑡 ,
𝑃𝑤𝑏,𝑒𝑎𝑠𝑡

humidity
Mass transfer coefficient associated with partial
vapor pressure
Molecular weight of water
The moles of gas accumulated in the entire
column

Water (steam) molar flowrate exiting the
column
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𝑄𝑔,𝑖

[𝑚3 𝑠 −1]

Volumetric flowrate of gas in the column

𝑄𝑔,0

[𝑚3 𝑠 −1]

Initial volumetric flowrate of gas in the column

𝑅

[𝑃𝑎 𝑚3 𝑚𝑜𝑙 −1 𝐾 −1]

Ideal gas constant

𝑡𝑑,0(𝑁2)

[𝑠]

Plug flow variable for N2 injection

𝑡𝑠

[𝑠]

Time at the bed surface

𝑡𝐸

[𝑠]

Time at the column outlet

𝑇̅𝑏𝑒𝑑

[°𝐶]

Average bed temperature

𝑇𝐹

[°𝐶]

Freeboard temperature

𝑈0

[𝑚 𝑠 −1]

Initial superficial gas velocity

𝑈𝑔,𝑤𝑒𝑠𝑡 ,
𝑈𝑔,𝑒𝑎𝑠𝑡

Gas velocity from west and east wind-boxes
[𝑚 𝑠 −1]

calibration (see 2.1.3.1)

𝑉𝐹𝑖

[𝑉]

𝑉𝐹0

[𝑉]

𝑉𝑤𝑏,𝑤𝑒𝑠𝑡,𝑖 ,
𝑉𝑤𝑏,𝑒𝑎𝑠𝑡,𝑖
𝑉𝑤𝑏,𝑤𝑒𝑠𝑡,0,
𝑉𝑤𝑏,𝑒𝑎𝑠𝑡,0

obtained from fluidization air flow control

[𝑉]

[𝑉]

Voltage signal from freeboard pressure
transducer (PT-FR)
Initial voltage signal from freeboard pressure
transducer (PT-FR)
Voltage signal from west and east wind-boxes
pressure transducers (PT-09 and PT-10)
Initial voltage signal from west and east windboxes pressure transducers (PT-09 and PT-10)

𝑦𝐻2 𝑂,𝑖

[-]

Water (steam) mol fraction

𝑦𝑂2,𝑎𝑖𝑟

[-]

Oxygen mol fraction in air

𝑦𝑂2,𝑖

[-]

Oxygen mol fraction in gas at column outlet

𝑦∗

[-]

Saturated molal humidity

Greek
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𝛿

[-]

General Acceleration Factor

𝛿𝑁2

[-]

Acceleration factor in N2 injection

𝛿𝑉

[-]

Acceleration factor in vapor generation

𝛽𝑤𝑒𝑠𝑡 , 𝛽𝑒𝑎𝑠𝑡

[𝑚𝑜𝑙 𝑠 −1 𝑉 −1]

𝛽

[𝑚𝑜𝑙 𝑠 −1 𝑃𝑎−1]

∆𝑃𝑔𝑟𝑖𝑑,𝑤𝑒𝑠𝑡 ,

Conversion factor from west and east grid pressure
drop to the respective gas flowrate
Conversion factor from cyclone pressure drop to the
gas flowrate at column outlet

[𝑃𝑎]

Pressure drop of west and east gas distributor grid

∆𝑃𝑐𝑦𝑐𝑖

[𝑃𝑎]

Cyclone pressure drop

∆𝑃𝑐𝑦𝑐0

[𝑃𝑎]

Initial cyclone pressure drop

∆𝑡𝑖

[𝑠]

DAQ time step

∆𝑧𝑖

[𝑚]

Distance from column outlet

𝛾𝑖

[-]

𝜆𝑎𝑖𝑟

[-]

𝜙𝑎𝑐

[-]

𝜙𝑎𝑐,𝐻

[-]

𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅

[-]

𝜙𝑎𝑐,𝑉

[-]

𝜙𝑎𝑐,𝑉,𝐻𝐺𝐿𝑅

[-]

∆𝑃𝑔𝑟𝑖𝑑,𝑒𝑎𝑠𝑡

𝜘∗

[kg-vapor/ kg-dry
air]

Correction factor for gas flowrate at column outlet
due to water (steam) concentration
Conversion factor from oxygen concentration
The proportion of accumulated liquid at the end of
steady state
The proportion of accumulated liquid due to heat
deficit
The proportion of accumulated liquid due to heat
deficit in High GLR injection experiments
Proportion of accumulated liquid due to vapor
saturation
Proportion of accumulated liquid due to vapor
saturation in High GLR injection experiments
Humidity in the bed at saturation
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Subscripts
𝑠𝑧, 𝑒𝑧

The start of period

𝑖

Time-series data index

0

Initial condition index
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Chapter 3

3

Impact of Bed Hydrodynamics on Vaporization in the
Absence of Agglomeration

The purpose of this chapter is to identify and study the processes that limit the
vaporization of liquid injected into a fluidized bed with a very effective spray nozzle,
which produces a negligible amount of agglomerates. It investigates two possible
limitations: solids mixing, which is required to bring enough heat to the vaporizing
liquid, and gas mixing, which is required to limit vapor saturation at bed temperatures
below the liquid boiling point.
A key advantage of fluidized beds is temperature uniformity, which results from effective
solids mixing. To sustain vaporization, liquid-rich bed regions must be mixed with hot
solids from the rest of the bed, whose heat capacity brings the heat required for liquid
vaporization. Mostoufi and Chaouki (2001) suggested that local solids mixing in
bubbling and turbulent regimes was governed by the interaction between the ensemble of
solids such as bubble wakes, clouds, and clusters. Du et al. (2002) found that increasing
gas velocity resulted in continuously increasing axial and radial solids dispersion
coefficients all the way from bubbling regime to turbulent regime. Axial and radial gas
dispersion coefficients, however, increased from bubbling to the minimum turbulent
velocity, and began decreasing above this velocity.
The quick dispersion of injected solids is important to industrial fluidized bed processes
ranging from combustion, gasification, and pyrolysis where solid feed or catalyst should
reach a well-agitated region of the bed (Briens and McMillan, 2020). The quick
dispersion of wet solids is important in processes such as polymerization cooled by liquid
injection (Fan et al., 2001), Fluid Catalytic Cracking (Leclère, et al., 2001), some
petrochemical reactors (Bruhns and Werther, 2005b), fluidized bed agglomeration (Atalar
and Yazici, 2018) and coating (Shelukar et al., 2000), and fluid coking (Yang et al.,
2016). Liu et al. (2020) reported mixing quality reduced during horizontal injection of
particles and recovered after injection was completed; they suggested lowering particle
injection flowrate to achieve better solids mixing. Solid flow patterns had a significant
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impact on solids mixing and vertical dispersion was dominant (Li et al., 2018). In a fluid
coker, spray jets can also affect the gas distribution and, hence, solids mixing (Cochet et
al., 2020).
As solids mixing is driven by gas bubbles, it can be enhanced by increasing the
superficial gas velocity or modifying the gas distribution. The gas distributor can be
designed to induce a swirl (Wormsbecker et al., 2009; Yudin et al., 2016) or provide an
uneven distribution (Li et al., 2020).
When local bed temperature drops below the liquid boiling point, local vapor saturation
may happen if there is insufficient mass transfer of vapor originated from the dense phase
to its surrounding bubbles. The risk of local vapor saturation can be mitigated by
promoting the rapid dispersion of wet solids and by promoting the rapid evacuation of
vapors by enhancing the mass transfer between bubbles and emulsion. Dispersion of the
emulsion phase gas would also help.
Axial gas dispersion in fluidized beds is commonly studied by a dynamic tracer method,
with a pulse or a stepwise change of gas tracer injected into the bottom of the bed
followed by detection of tracer concentrations at an upper level of the bed. Foka et al.
(1996) found that the axial dispersion coefficient increased with increasing velocity along
the bubbling regime. Increasing the velocity started to decrease the axial dispersion
coefficient from the transient regime towards the turbulent regime. The axial dispersion
coefficient also increased with increasing bed height (Bi et al., 2000).
Lee and Kim (1990) reported an indication of significant radial gas exchange between
bubble and emulsion phase that was attributed to slug breakdown. In another report, they
suggested that the radial gas mixing is about an order of magnitude less than axial
dispersion (Lee and Kim, 1990). Song et al. (2005) found that the radial concentration
gradient was maximum above the highest penetrating jet in a 1/19th scaled cold flow
model of a Fluid Coking reactor. The radial concentration became uniform with
increasing axial position due to radial dispersion.
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Sit and Grace (1981) reported that interphase transfer in a fluidized bed was improved
with bubbles interaction and coalescence. They reasoned that the throughflow factor
improved the mass transfer as they found a more significant effect in larger particles.
This finding was verified more accurately in a freely bubbling fluidized bed by Medrano
et al. (2017) with IR transmission technique to determine gas exchange coefficients.
Hernández-jiménez et al. (2013) analysed with CFD simulation and reported that mass
exchange in a bubbling bed is only related to gas convection which depends on
superficial gas velocity. The location that has the lowest bubble fraction (Bhatti, 2017)
and lowest superficial gas velocity (Song et al., 2005) is prone to local vapor saturation.
Increasing the rate of vapor generation would increase the superficial gas velocity in the
reactor (Joness, 2019a) and could help improving mass exchange through gas convection
(Nautiyal et al., 2017; Zhou et al., 2019; Zhang et al., 2020).
Chapter 1 showed that delay in vapor generation could be caused by agglomerate
formation, local heat deficit, or local vapor saturation. Chapter 2 explained the technique
to eliminate agglomerate formation by a High GLR spray nozzle. Thanks to a high
atomization gas flowrate, this nozzle prevents agglomerate formation as shown in a past
study (Zirgachian et al., 2013). This Chapter focuses on the impact of bed hydrodynamics
on vaporization with this spray nozzle.

3.1

Experimental Setup

The experiments were conducted in the fluidized bed with a rectangular cross section that
was described in detail in Chapter 2 and illustrated in Fig. 3-1. The liquid (deionized
water) injection was conditioned to eliminate agglomerates using a high flowrate of
atomization gas to reach a GLR of more than 44 %. At this condition, agglomerates were
fully eliminated (Zirgachian et al., 2013).
Table 3-1. Experimental setup for impact of bed hydrodynamics on heat flux
Spray Nozzle
Total mass of injected liquid, g
Atomization Gas-to-Liquid Ratio, %

Straight tube 4 mm ID
300
> 44
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Liquid Injection Flowrate, g/s

17.7

Nozzle Tip Lateral Location, m

0.1

Nozzle Tip Vertical Location, m

0.37

Fig. 3-1. Experimental setup using HGLR nozzle
To observe the heat flux limitation on vaporization, in the absence of any vapor
saturation, the fluidized bed must be well above the boiling point of the injected liquid.
Chapter 2 showed how the proportion of accumulated liquid at the end of the injection
can be calculated.
To study the impact of bed hydrodynamics on the heat flux limitation, experiments were
designed as follows:
1.

Varying the superficial gas velocity
This set of experiments were done by changing the mass flowrate of air going into
the fluidized bed by changing the pressure upstream of calibrated flow control
orifices. In the experiments, the mass flowrate coming from both wind-boxes were
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equal. The amount of atomization air entering the bed was also considered in
calculating the superficial gas velocity.
2.

Varying the lateral velocity profile
The lateral velocity profile in the fluidized bed was modified by supplying different
mass flowrates of air to the West and East windboxes (Fig. 3-1) while keeping the
same average superficial gas velocity in the freeboard. This can be done by adjusting
the pressure upstream of the sonic flow control orifice supplying each windbox (see
Chapter 2). The experiments were performed with liquid injection from the West
side and three cases of lateral superficial gas velocity profiles:
•
•
•

Case 1: 0.3 m/s from both gas distributors,
Case 2: 0.1 m/s from the West gas distributor and 0.5 m/s from the East gas
distributor, and
Case 3: 0.5 m/s from the West gas distributor and 0.1 m/s from the East gas
distributor.

A similar experimental setup and design was used to study the impact of vapor saturation
on vaporization. The impact of bed hydrodynamics was also studied by changing the
superficial gas velocity and the lateral gas velocity profile. In these experiments,
however, the initial bed temperature was well below the boiling point.

3.2
3.2.1
3.2.1.1

Results and Discussion
Impact of Bed Hydrodynamics on Heat Flux
Impact of Superficial Gas Velocity on Heat Flux

Fig. 3-2 shows, for conditions under which the heat flux limits vaporization, the impact
of superficial gas velocity was smaller than the experimental error. There was, however, a
clear decrease in bed temperature at all velocities, which is expected as the total heat that
bed particles can transfer to the liquid is proportional to the difference between the bed
temperature and the boiling point of the liquid.
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0.18

0.16
0.14

φac,H,HGLR

0.12
0.1
0.55 m/s

0.08
0.06

0.47 m/s

0.04
0.3 m/s
0.02
0
110

120

130
140
150
Initial Bed Temperature, oC

160

170

Fig. 3-2. Proportion of accumulated liquid above 120 oC at different superficial gas
velocity
Fig. 3-3 shows the minimum required bed solids to vaporize 300 g of injected water
(𝑚𝐿,𝐼 ) calculated from heat balance, as:
𝑚𝑖𝑛𝑖𝑚𝑢𝑚 𝑝𝑟𝑜𝑝𝑜𝑟𝑡𝑖𝑜𝑛 𝑟𝑒𝑞𝑢𝑖𝑟𝑒𝑑 =

𝑚𝐿,𝐼 ∆𝐻𝑣𝑎𝑝
𝑚𝑠
=
𝑚𝑏𝑒𝑑 𝑚𝑏𝑒𝑑 𝐶𝑝𝑠 (𝑇𝑏𝑒𝑑,0 − 𝑇𝑙𝑏 )
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Minimum Required Proportion of Bed Solids

0.35

0.3

0.25

0.2

0.15

0.1

0.05

0
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120

130
140
150
Initial Bed Temperature, oC

160

170

Fig. 3-3. Minimum required proportion of bed solids to vaporize 300 g of injected
water.
To clarify the impact of gas velocity, a set of experiments were performed at 140 oC, and
at different superficial gas velocities. The results in Fig. 3-4 indicated a weak correlation
between gas velocity and heat flux where there is an 87 % probability that the proportion
of accumulated liquid decreases.
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0.14
0.12

φac,H,HGLR

0.1
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0.02
0
0.1
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0.2
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0.35

0.4

0.45

0.5
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0.6

0.65

U0, m/s

Fig. 3-4. Proportion of accumulated liquid at 140 oC and at different superficial gas
velocities

3.2.1.2

Impact of Lateral Velocity Profile on Heat Flux

Fig. 3-5 shows that the lateral profile of the ratio of the local bubble gas flux to its crosssectional average was greatly affected by a change in the distribution of the fluidization
gas between the West and East windboxes. While the profile is nearly symmetrical with
an even distribution between the windboxes, with an uneven distribution, the ratio of the
average bubble fluxes between the West and East sides is nearly the same as the ratio of
the gas flows into the respective windboxes.
Fig. 3-5 also shows that the spray jet penetration was about 0.5 m from the tip of the
spray nozzle, or 0.6 m from the West wall. This penetration was obtained with
thermocouples, using a method previously developed and validated in a similar heated
fluidized bed (Briens et al., 2010).
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Fig. 3-5. Gas bubble profile at different lateral velocity profile (adapted from
(Bhatti, 2017))
0.3

0.25

Case 2:
0.1 m/s West
0.5 m/s East

𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅 = 0.91 − 0.0057 𝑇𝑏𝑒𝑑

φac,H,HGLR

0.2

0.15

Case 1:
0.3 m/s Even

𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅
= 0.48 − 0.0028 𝑇𝑏𝑒𝑑

0.1
Case 3:
0.5 m/s West
0.1 m/s East

0.05

𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅 = 0.46 − 0.0027 𝑇𝑏𝑒𝑑

0
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Initial Bed Temperature, oC
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Fig. 3-6. Proportion of accumulated liquid above 120 oC at different lateral velocity
profile.
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Fig. 3-6 shows that the proportion of accumulated liquid was essentially the same with
the even fluidization gas distribution (Case 1), and the distribution with 0.5 m/s to the
West side and 0.1 m/s to the East side (Case 3). In both cases, the liquid was injected in a
well-mixed, high velocity region (Fig. 3-5) and, even at an initial bed temperature of
120 °C, only about 33 % of the bed solids were required to vaporize the injected liquid
(Fig. 3-3), so reducing the gas velocity in a bed region far from the spray jet cavity, as in
Case 3, did not have much impact on vaporization (Fig. 3-6). On the other hand, with
Case 2, where the distribution with 0.5 m/s to the East side and only 0.1 m/s to the West
side, the spray jet was in a low velocity, poorly agitated part of the bed, and Fig. 3-6
shows that the proportion of accumulated liquid was much larger at an initial bed
temperature of 120 °C. As the initial bed temperature was increased, however, the
difference between the 3 cases became much smaller, as shown in Fig. 3-6: at a bed
temperature of 140 °C, only about 16 % of the bed solids are required for vaporization
(Fig. 3-3), and the local agitation induced by the spray jet likely provided enough mixing.
The results shown in Fig. 3-6 were confirmed by measuring the time required to vaporize
all the liquid remaining in the bed at the end of the injection. For an initial bed
temperature of 120 °C, this time was 6.64 s for Case 2 and only 4.95 s for case 3,
confirming that mixing of the wet solids was more effective for case 3.

3.2.2
3.2.2.1

Impact of Bed Hydrodynamics on Local Vapor Saturation
Impact of Superficial Gas Velocity on Vapor Saturation

Fig. 3-7 shows that when there is vapor saturation, for average initial bed temperatures
below 80 °C, the proportion of accumulated liquid was greatly reduced when the
superficial gas velocity was increased. This is in sharp contrast with the results obtained
in the previous section for conditions under which there was no vapor saturation, for
which the gas velocity has a negligible impact on the proportion of accumulated liquid, as
shown in Fig. 3-2 for bed temperatures greater than 120 °C.
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At the lower bed temperature, for which there is vapor saturation, there is also a heat flux
limitation. The method described in Chapter 2 (2.2.3.3) was applied to estimate the
proportion of accumulated liquid that was only due to vapor saturation, as plotted in Fig.
3-7. It confirms the strong impact of the superficial gas velocity on vapor saturation,
which results from two phenomena:
1) A thermodynamic limitation: the concentration of water vapor in the gas exiting
the bed cannot be higher than the saturation humidity at the bed temperature,
2) A gas mixing limitation: due to imperfect mixing, some of the gas exiting the bed
will not be saturated with water vapor.
Fig. 3-7 also compares the actual proportion of accumulated liquid to the proportion of
accumulated liquid that would be present if there had been perfect gas mixing. This
accumulated liquid in the case of perfect gas mixing was calculated. With perfect gas
mixing, vaporization is limited only by saturation humidity at the bed temperature
(thermodynamic limitation) as:
𝑚̇𝑔,𝑑𝑟𝑦 (𝜘 ∗ − 𝜘𝑖𝑛 ) = 𝑚̇𝑣𝑎𝑝
Therefore, in the presence of perfect gas mixing the proportion of accumulated liquid
becomes:

𝜙𝑎𝑐,𝑉,𝑝𝑚 =

(𝑚̇𝐿,𝐼 − 𝑚̇𝑣𝑎𝑝 )𝑡𝐼
(𝑚̇𝐿,𝐼 )𝑡𝐼

=

𝜙𝑎𝑐,𝑉,𝑝𝑚 = 1 −

𝑚̇𝐿,𝐼 − 𝑚̇𝑔,𝑑𝑟𝑦 (𝜘 ∗ − 𝜘𝑖𝑛 )
𝑚̇𝐿,𝐼
𝑚̇𝑔,𝑑𝑟𝑦 (𝜘∗ −𝜘𝑖𝑛 )
𝑚̇𝐿,𝐼

(3-1)

Fig. 3-7 could explain the limiting factor that produced the accumulated liquid.
Increasing superficial gas velocity was essentially achieved by increasing the mass
flowrate of air going into the bed (𝑚̇𝑔,𝑑𝑟𝑦 ) and therefore reduced 𝜙𝑎𝑐,𝑉,𝑝𝑚 . For the lower
bed temperatures, the experimental results show that the thermodynamic limitation was
predominant. For the higher bed temperatures, with all 3 sets of superficial gas velocities,
there was a significant impact of imperfect gas mixing on vapor saturation as shown from
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the difference in experimental results and the perfect gas mixing case. However, the
difference increased as the bed temperature was increased indicating that there was poor
gas mixing and therefore vapor saturation became the limiting factor. Fig. 3-7 shows,
however, that there is significant accumulated liquid even at a bed temperature where
there would be no thermodynamic limitation: this could be due either to poor gas mixing
in the fluidized bed or to the heat flux limitation that was observed at a bed temperature
well above the liquid boiling point.
1
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0.2
perfect gas
mixing 0.55 m/s

0.1
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perfect gas mixing 0.3 m/s
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Fig. 3-7. Comparison of actual proportion of accumulated liquid to the proportion if
perfect gas mixing were present.
At initial bed temperatures above 120 °C, there can be no vapor saturation limitation, and
the increase in accumulated liquid with decreasing bed temperature can be attributed
solely to changes in heat flux limitation: extrapolating this trend to temperatures below
100 °C shows that poor gas mixing quickly became the predominant limitation, as shown
by Fig. 3-8.
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Therefore, the relationship of accumulated liquid to its limiting factors can be expressed
by Eq. 3-2.
𝜙𝑎𝑐 = max (𝜙𝑎𝑐,𝑉 , 𝜙𝑎𝑐,𝐻 )

(3-2)

Where Φac,H is the proportion of liquid that would be accumulated if the heat flux
limitation was predominant and Φac,V is the proportion if the vapor saturation limitation
was predominant. The vapor saturation limitation Φac,V is a result of the combination of
thermodynamic and gas mixing limitations.
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Fig. 3-8. Results of High GLR injection into fluidized bed at various bed
temperature and U0 (equal air mass flowrate to each windbox).
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3.2.2.2

Impact of Lateral Velocity Profile on Vapor Saturation

Fig. 3-9 shows that the proportion of accumulated liquid was reduced when switching
from an even gas distribution (Case 1) to an uneven distribution with 0.5 m/s to the West
side and 0.1 m/s to the East side (Case 3). The results could be caused by the higher
fluidization velocity in the bed region near the spray jet, which is on the West side. Mass
transfer of generated vapor to nearby bubbles increased as there was a higher bubble flow
(𝑞𝑖 ⁄𝑞 ) near the spray jet for Case 3 (Fig. 3-5).
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Fig. 3-9. Proportion of accumulated liquid due to vapor saturation at different
lateral velocity profiles
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3.2.2.3

Modeling of the impact of bubble to emulsion mass transfer
on Vapor Saturation

We can evaluate the impact of gas mass transfer between bubbles and emulsion by
estimating the height of transfer unit (𝐻𝑉𝐷 ). A better transfer shall be indicated by a
shorter height of transfer unit as gas between bubbles and the surrounding emulsion was
exchanged at a higher rate.
In Chapter 2, Eq. 2-23 showed the linear correlation between saturation humidity (𝜘 ∗ )
and accumulated liquid due to vapor saturation (𝜙𝑎𝑐,𝑉,𝐻𝐺𝐿𝑅 ). Fig. 3-10 shows that Eq. 223 is linear for 0.3 m/s, 0.47 m/s, and 0.55 m/s. This figure was derived from Fig. 3-8 for
bed temperature ranges from 65 oC to 87 oC. The x-axis now changes to saturation
humidity with the corresponding temperature and pressure in each experiment.
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0.5

φac,V,HGLR

0.4

0.3
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Fig. 3-10. Indication of local vapor saturation by High GLR injection into fluidized
bed at various saturation humidity and U0.
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To obtain 𝑯𝑽𝑫 , we can use the predicted 𝝓𝒂𝒄,𝑽,𝑯𝑮𝑳𝑹 from Fig. 3-10 and the
corresponding saturation humidity. We can then obtain the 𝑯𝑽𝑫 by deriving Eq. 2-23,
such that,

𝜙𝑎𝑐,𝑉,𝐻𝐺𝐿𝑅 = 1 +

−

𝐻𝑚𝑓
[𝑚̇𝑔,𝑚𝑓 + 𝑚̇𝑔,𝑏 (1 − exp (− 𝐻 ))]
𝑉𝐷

𝑚̇𝐿,𝐼

𝐻𝑚𝑓
[𝑚̇𝑔,𝑚𝑓 + 𝑚̇𝑔,𝑏 (1 − exp (− 𝐻 ))]
𝑉𝐷

𝑚̇𝐿,𝐼

𝜘𝑖𝑛

𝜘∗

(2-23)
𝐻𝑚𝑓
[𝑚̇𝑔,𝑚𝑓 + 𝑚̇𝑔,𝑏 (1 − exp (− 𝐻 ))]
𝑉𝐷

𝑚̇𝐿,𝐼

𝑚̇𝑔,𝑚𝑓 + 𝑚̇𝑔,𝑏 (1 − exp (−

1 − exp (−

−

(𝜘 ∗ − 𝜘𝑖𝑛 ) = 1 − 𝜙𝑎𝑐,𝑉

𝐻𝑚𝑓
𝑚̇𝐿,𝐼 (1 − 𝜙𝑎𝑐,𝑉 )
)) =
(𝜘 ∗ − 𝜘𝑖𝑛 )
𝐻𝑉𝐷

𝐻𝑚𝑓
1 𝑚̇𝐿,𝐼 (1 − 𝜙𝑎𝑐,𝑉 )
)=
(
− 𝑚̇𝑔,𝑚𝑓 )
(𝜘 ∗ − 𝜘𝑖𝑛 )
𝐻𝑉𝐷
𝑚̇𝑔,𝑏

𝐻𝑚𝑓
1 𝑚̇𝐿,𝐼 (1 − 𝜙𝑎𝑐,𝑉 )
= ln [1 −
(
− 𝑚̇𝑔,𝑚𝑓 )]
(𝜘 ∗ − 𝜘𝑖𝑛 )
𝐻𝑉𝐷
𝑚̇𝑔,𝑏
𝐻𝑉𝐷 = −

𝐻𝑚𝑓
𝑚̇𝐿,𝐼 (1−𝜙𝑎𝑐,𝑉,𝐻𝐺𝐿𝑅 )
(
ln[1−
−𝑚̇𝑔,𝑚𝑓 )]
𝐹𝑔,𝑏
(𝜘∗ −𝜘𝑖𝑛 )
1

(3-3)

Fig. 3-11 indicates this technique could show that higher superficial gas velocity has an
impact on gas mixing. Here we also presented the comparison with a correlation from
literature (Foka et al., 1996) where,
𝐻𝑉𝐷 = 0.613 𝑆𝑐 −0.37

(3-4)

80

Based on Eq. 3-4, 𝐻𝑉𝐷 did not change as the 𝑆𝑐 (Schmidt) number, 0.647, remain constant,
but the values obtained from this study were within 12 % of the value predicted with the
correlation.
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Fig. 3-11. The height of transfer unit (𝑯𝑽𝑫 ) at various superficial gas velocities (U0)
An additional method was implemented to get 𝐻𝑉𝐷 from the vapor residence time
distribution in the bed at an initial bed temperature of 140 oC. This method is fully
derived in Appendix B where it ended up with Eq. 3-5.
𝐻

𝑚𝑓
𝐻𝑉𝐷 = − ln(1−𝐾)

(3-5)

Finally, Fig. 3-12 showed the comparison of 𝐻𝑉𝐷 results with previous methods in Fig.
3-11.
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Fig. 3-12. Comparison of 𝑯𝑽𝑫 from different techniques.
As shown in Appendix B, getting an accurate residence time distribution of the gas in the
bed is challenging because of the relatively large volume of the freeboard section.
Improvements might be achieved through:
•

Nitrogen injection to model the freeboard with more than 2 nitrogen injection points
to achieve a more accurate residence time distribution of the gas in the freeboard,

•

Measurement of the instantaneous local vapor concentration sensor at the bed surface.

3.3

Conclusions

Two possible limitations of the vaporization of the liquid injected in a fluidized bed were
experimentally identified:
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1) The heat flux limitation, which is predominant at bed temperatures above the liquid
boiling point. Solids mixing within the bed must bring enough hot, dry bed solids to
the wet particles, to provide heat for the liquid vaporization. As the bed temperature is
reduced, a larger proportion of the dry, hot bed solids must be brought into contact
with the wet solids, and the impact of the gas distribution becomes significant.
2) The vapor saturation limitation, which, in our experiments, was predominant at bed
temperatures below the liquid boiling point. This limitation results from the
combination of a thermodynamic limitation, as the gas can only evacuate a limited
flowrate of vapor, and a gas mixing limitation, as emulsion to bubbles mass transfer is
not perfect, and the gas exiting the bed is not completely saturated with vapor. This
vapor limitation is greatly affected by the superficial gas velocity and the gas velocity
in the bed region where the liquid is sprayed.
In many industrial applications, the liquid contains several components of various
volatility. There may, therefore, be a significant range of bed temperatures where both the
heat flux and vapor saturations may be significant.

NOMENCLATURE
𝐻𝑉𝐷

[m]

Height of transfer unit

𝐻𝑚𝑓

[m]

Bed height at minimum fluidization velocity

𝑚̇𝑔,𝑚𝑓

[kg/s]

𝑚̇𝑔,𝑏

[kg/s]

The mass flowrate of air in bubbles

𝑚̇𝐿,𝐼

[kg/s]

Liquid injection flowrate

𝑆𝑐

[-]

𝑇𝑏𝑒𝑑

[oC]

Bed temperature

𝑇𝑙𝑏

[oC]

Liquid (water) boiling temperature

𝑈0

[m/s]

Superficial gas velocity in fluidized bed

The mass flowrate of fluidization air at minimum
fluidization velocity
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𝜙𝑎𝑐

[-]

𝜙𝑎𝑐,𝐻

[-]

𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅

[-]

𝜙𝑎𝑐,𝑉

[-]

𝜙𝑎𝑐,𝑉,𝐻𝐺𝐿𝑅

[-]

𝜘∗
𝜘𝑖𝑛

[kg-vapor/
kg-dry air]
[kg-vapor/
kg-dry air]

The proportion of accumulated liquid at the end of
steady state
The proportion of accumulated liquid due to heat
deficit
The proportion of accumulated liquid due to heat
deficit in High GLR injection experiments
Proportion of accumulated liquid due to vapor
saturation
Proportion of accumulated liquid due to vapor
saturation in High GLR injection experiments
Humidity in the bed at saturation

Humidity of air going into the bed
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Chapter 4

4

Impact of Bed Hydrodynamics and Temperature on
Agglomerate Breakup in a Fluidized Bed

Section 1.1 to 1.6 elaborates on the importance of vapor generation in a fluidized bed
operation for various industrial applications. There are either reactants or agents entering
the fluidized bed in evaporative condition. The rate of vaporization is found to be
essential to the performance in industrial processes.
Chapter 2 presented methods to study vaporization kinetics in the abbsence of
agglomerate formation. However, in most industrial processes in which liquid is injected
in a fluidized bed, agglomerate formation is one of the limiting factors that delay
vaporization in a fluidized bed. Agglomerate formation can be reduced by improving the
contact between injected liquid and bed particles (House et al., 2004; Mohagheghi et al.,
2014).
There are various studies dedicated to the optimization of liquid-solid contact for liquid
injection into fluidized bed. Bruhns and Werther (2005) injected water and ethanol at a
bed temperature between 120 oC to 180 oC. They observed that solids were entrained into
the jet cavity and formed agglomerates despite operating above the boiling point.
Ariyapadi (2004) found that most of the agglomerates were formed at the end of the jet
cavity. Mohagheghi Dar Ranji (2014) later confirmed using a conductance method that
the agglomerate breakage rate had a strong correlation with the bubble volume fraction
near the tip of jet cavity.
Analysis of liquid-solid contact through mathematical modeling suggested that increasing
gas velocity improves liquid-solid contact in the region far from the tip of the nozzle
(Pougatch et al., 2012). Several authors (Farkhondehkavaki, 2012; Mohagheghi Dar
Ranji, 2014; Morales et al., 2016) observed that a higher fluidization velocity during
liquid injection was beneficial for liquid-solid contact and for the reduction of
agglomerate formation. Directing the gas bubbles to the jet cavity (Li et al., 2020) and
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changing the particle mixing in the spray region (McMillan et al., 2005; Cocco et al.,
2013; Mohagheghi et al., 2018; Zirgachian et al., 2018) also improved liquid distribution.
Shear forces in fluidized beds can break up agglomerates. Agglomerate stability depends
on the local bed hydrodynamics. As expected, increasing the fluidization velocity speeds
up agglomerate breakage (Weber et al., 2011; Parveen et al., 2013; Parveen et al., 2013).
Because gas bubbles are responsible for agglomerate breakage, agglomerates that spend
more time near the bed surface, in regions where gas bubbles congregate, are more likely
to be broken (Parveen et al., 2012).
Song et al. (2004) found an axial and radial profile of bed voidage in a scaled fluid coker
cold model. They found a dense annular region, where the particles tend to descend,
surrounded a more dilute core region, where particles tend to rise. Matsen (1996)
suggested gulf streaming concentrates gas bubbles in the center of the bed and increases
the local gas velocity. Bhatti (2017) confirmed by using an uneven initial gas distribution
that more agglomerates were present in the region with lowest bubble flow.
Pardo Reyes (2015) investigated the impact of average bed temperature on agglomerate
formation from injected Gum Arabic solution. More agglomerates were formed with
more trapped liquid at higher temperature. The breakage rate might have reduced because
liquid bridges solidified faster at higher temperature. Using Gum Arabic solution also
showed increasing viscosity of liquid in agglomerates as average bed temperature
increased. This event also contributed to stronger liquid bridges and therefore more stable
agglomerates (Weber, 2009b).
This chapter elaborates the set up and procedure to implement the measurement
technique of vaporization rate that involves agglomerate formation. We will then
investigate the impact of bed hydrodynamics and temperature on the rate of vapor
generation and compare the results with some of the past findings.

4.1

Liquid Accumulated in Agglomerates

In Chapter 2, experiments were conducted with a HGLR nozzle that operates with a very
high flowrate of atomization gas and is known to produce a negligible amount of
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agglomerates. This study showed that, in the absence of agglomerates, vapor generation
can be affected by two processes:
Heat deficit governs the rate of vapor generation. This was achieved using HGLR
injection resulting in highly atomized liquid droplets and a fluidized bed operating at a
temperature well above the boiling point (140 oC).
Vapor saturation governs the rate of vapor generation. Still with HGLR injection, we
look at the impact of increasing superficial gas velocity to the height of transfer unit
(𝐻𝑉𝐷 ) of bubbles for a bed temperature below the boiling point of water. Finally, we
found a shorter 𝐻𝑉𝐷 when the superficial gas velocity increases.
When liquid is injected with practical spray nozzles, however, agglomerates are formed.
The focus of this chapter is to break down how agglomerate formation and breakup are
affected by changes in bed hydrodynamics and temperature.

4.1.1

Obtaining the Liquid Inside the Agglomerates

Firstly, we need to represent the contributing processes at our experimental operating
conditions. Apart from the study on the impact of bed temperature, the baseline of the
study is to perform liquid injection with a scaled down version of a commercial spray
nozzle into a fluidized bed operating at a temperature well above the boiling point, to
eliminate any vapor saturation. Therefore, we may generate a simple model where the
proportion of accumulated liquid at the end of a steady state injection period comprises of
accumulated liquid due to heat deficit and due to agglomerate formation and breakup (Eq.
4-1).
𝐴𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑒𝑑 𝑙𝑖𝑞𝑢𝑖𝑑 𝑎𝑡 𝑡ℎ𝑒 𝑒𝑛𝑑 𝑜𝑓 𝑖𝑛𝑗𝑒𝑐𝑡𝑖𝑜𝑛
= 𝑎𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑒𝑑 𝑙𝑖𝑞𝑢𝑖𝑑 𝑑𝑢𝑒 𝑡𝑜 𝑎𝑔𝑔𝑙𝑜𝑚𝑒𝑟𝑎𝑡𝑒𝑠
+ 𝑎𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑒𝑑 𝑙𝑖𝑞𝑢𝑖𝑑 𝑑𝑢𝑒 𝑡𝑜 ℎ𝑒𝑎𝑡 𝑑𝑒𝑓𝑖𝑐𝑖𝑡
𝜙𝑎𝑐 = 𝜙𝑎𝑐,𝑎 + 𝜙𝑎𝑐,𝐻

(4-1)
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For experiments with a TEB spray nozzle, liquid will form agglomerates and free liquid
(Fig. 4-1). The vaporization of the proportion of liquid in agglomerates (𝑓𝑎𝑔 ) is governed
by agglomerate breakup. The vaporization of the proportion of free liquid is governed by
the heat deficit.

Fig. 4-1. Illustration of two states of accumulated liquid during TEB nozzle
injection. (𝒇𝒂𝒈 : fraction of injected liquid that is initially trapped in agglomerates)
We can assume that agglomerates are distributed over the whole bed and when they break
up, they are surrounded by hot solids. Consequently, the heat deficit is likely negligible
for liquid that was initially trapped in agglomerates. On the other hand, free liquid was
prone to heat deficit as shown in Chapter 3.
If the liquid injection flowrate (𝑚̇𝐿,𝐼 ) with 2% GLR using a TEB nozzle is equal to that of
the HGLR experiments, the proposed idea is to represent the heat deficit for the free
liquid as a proportion of the accumulated liquid during the HGLR injection at a similar
bed condition (Eq. 4-2).
𝐴𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑒𝑑 𝑙𝑖𝑞𝑢𝑖𝑑 𝑑𝑢𝑒 𝑡𝑜 ℎ𝑒𝑎𝑡 𝑑𝑒𝑓𝑖𝑐𝑖𝑡
= (1 − 𝑓𝑎𝑔 ) × 𝐴𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑒𝑑 𝑙𝑖𝑞𝑢𝑖𝑑 𝑎𝑡 𝐻𝐺𝐿𝑅 𝑖𝑛𝑗𝑒𝑐𝑡𝑖𝑜𝑛
𝜙𝑎𝑐,𝐻 = (1 − 𝑓𝑎𝑔 )𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅

(4-2)

Now, Eq. 4-1 becomes:
𝜙𝑎𝑐 = 𝜙𝑎𝑐,𝑎 + (1 − 𝑓𝑎𝑔 )𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅

(4-3)
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4.1.2

The Effect of Agglomerate Breakup

Past experimenters ((Mohagheghi, Hamidi, Briens, Berruti, and McMillan, 2014; Prociw,
Briens, Berruti, and Jamaleddine, 2018)) have seen that the fraction of liquid initially
trapped in agglomerates at time 𝑡𝐹 that remains trapped at time t is given by:
𝑒−

𝑡−𝑡𝐹
𝜏

(4-4)

where 𝜏 is the agglomerate breakup time constant. For agglomerates formed between 𝑡𝐹
and 𝑡𝐹 + 𝑑𝑡, the amount of injected liquid that remains trapped in agglomerates at time 𝑡
becomes:
(𝑚̇𝐿,𝐼 𝑑𝑡) 𝑓𝑎𝑔 𝑒 −

𝑡−𝑡𝐹
𝜏

For continuous injection from 0 to 𝑡𝐼 with liquid flowrate 𝑚̇𝐿,𝐼 , contributions to liquid
trapped at time 𝑡 can be added (by integration):
𝑡𝐼

𝑚̇𝐿,𝐼 𝑓𝑎𝑔 ∫ 𝑒 −

𝑡−𝑡𝐹
𝜏

𝑑𝑡𝐹

0

As total liquid injected is 𝑚̇𝐿,𝐼 𝑡𝐼 , the fraction that remains trapped at 𝑡:
𝜙𝑎𝑐,𝑎 =

𝜙𝑎𝑐,𝑎 =

𝑚𝐿,𝐼
̇ 𝑓𝑎𝑔 𝑡𝐼 −𝑡−𝑡𝐹
∫ 𝑒 𝜏 𝑑𝑡𝐹
𝑚𝐿,𝐼
̇ 𝑡𝐼 0

𝑡𝐼 𝑡 −𝑡
𝑓𝑎𝑔
𝐹
𝑡𝐹 − 𝑡
)
𝜏∫ 𝑒 𝜏 𝑑(
𝑡𝐼
𝜏
0

𝜙𝑎𝑐,𝑎

𝜙𝑎𝑐,𝑎 =

𝑓𝑎𝑔 𝜏 𝑡𝐹 −𝑡 𝑡𝐼
=
[𝑒 𝜏 ]
𝑡𝐼
0
−𝑡
𝑓𝑎𝑔 𝜏 𝑡𝐼−𝑡
[𝑒 𝜏 − 𝑒 𝜏 ]
𝑡𝐼

If 𝑡 = 𝑡𝐼 , 𝜙𝑎𝑐,𝑎 at the end of injection becomes:
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𝜙𝑎𝑐,𝑎 =
If

𝑡𝐼
𝜏

𝑓𝑎𝑔 𝜏
𝑡𝐼

[1 − 𝑒

−𝑡𝐼
𝜏

]

(4-5)

is too high, it becomes difficult to detect liquid trapped in agglomerates. Now, the

general equation becomes:
𝜙𝑎𝑐 = 𝜙𝑎𝑐,𝑎 + (1 − 𝑓𝑎𝑔 )𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅
𝜙𝑎𝑐 =

𝑓𝑎𝑔 𝜏
𝑡𝐼

[1 − 𝑒

−𝑡𝐼
𝜏

] + (1 − 𝑓𝑎𝑔 )𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅

(4-6)

We then estimate the 𝑓𝑎𝑔 and 𝜏 using Eq. 4-6. 𝜙𝑎𝑐 were obtained experimentally for 3
different injection times, 𝑡𝐼 . It was done by changing the total mass of injected liquid and
keeping the liquid flowrate constant. 𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅 was also obtained from experiments with
a HGLR nozzle under the same liquid flowrate and fluidization conditions. These
experiments had superficial gas velocity all at 0.3 m/s. The value of 𝑓𝑎𝑔 and 𝜏 were
obtained using Excel Solver where the two values were adjusted until the sum of squared
errors was minimized between experimental 𝜙𝑎𝑐 and model-predicted 𝜙𝑎𝑐 for the three
different 𝑡𝐼 (Fig. 4-2).
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Fig. 4-2. The model with adjusted 𝒇𝒂𝒈 and 𝝉 fit with the experimental data
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A very high 𝑓𝑎𝑔 , 0.94, indicated that almost all liquid was initially trapped in
agglomerates with the regular TEB nozzles. Assuming 𝑓𝑎𝑔 = 1 for the data of Fig. 3-2
gave a value of τ of 3.23 instead of 3.30 for the more exact model, i.e. within 2%. For the
purpose of estimating the agglomerate breakup time constant, τ, we may thus assume
𝑓𝑎𝑔 = 1 for other experiments and modify Eq. 4-6 to become:
𝜏

𝜙𝑎𝑐 = 𝑡 [1 − 𝑒
𝐼

−𝑡𝐼
𝜏

]

(4-7)

This simplification allows for the estimation of the agglomerate breakup time constant, τ,
from experiments performed with only one injection time, tI.

4.2
4.2.1

Experimental Setup and Methodology
Impact of Superficial Gas Velocity

The experiments were performed in a fluidized bed with rectangular cross-section area,
as shown in Fig. 4-3. The fluidization air flow control shown in Fig. 2-7 were adjusted to
set the mass flowrate of air going into the column. As we can obtain the bed temperature
and column pressure, we can calculate the superficial gas velocity at a given mass
flowrate. The experiments were performed at 5 different superficial gas velocity: 0.2, 0.3,
0.4, 0.48, and 0.58 m/s.
Table 4-1. Experimental setup and operating conditions
Spray Nozzle

TEB 1 mm ID

Total mass of injected liquid, g
Atomization Gas-to-Liquid Ratio, %
Initial Bed Temperature, oC

300
2
140

Liquid Injection Flowrate, g/s
2

Liquid Injection Flux, g/mm s
Nozzle Tip Penetration, m
Nozzle Tip Vertical Location, m

17.7
22.5
0.1
0.37
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Table 4-1 gives the setup and operating conditions of liquid injection into fluidized bed.
The experiments used nitrogen as the atomization gas. The flowrate of atomization
nitrogen was controlled by adjusting the pressure upstream of a flow control orifice. The
liquid (water) flowrate was controlled by adjusting the pressure upstream of the blowtank using compressed nitrogen (PT-03).

Fig. 4-3. Experimental setup for liquid injection
The experimental data were then processed using the method described in section 2.2.1 to
obtain the accumulated liquid proportion at the end of steady state or 𝜙𝑎𝑐 as an indicator
of vaporization rate.

4.2.2

Impact of Lateral Velocity Profile

A set of experiments were conducted to observe the impact of lateral velocity profile on
the rate of vapor generation. The experiments created two different gas velocities in the
two-halves of the bed by supplying different air mass flowrates to the equally divided
West and East gas distributors. The profile therefore might simulate the core-annular
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flow observed in large cylindrical fluidized beds, particularly in the scaled down model
of a Fluid CokerTM (Song et al., 2004). The spray injection nozzle was installed at the
west wall of the fluidized bed rectangular column as in Fig. 4-3.
Table 4-2. Experimental setup and operating conditions
Spray Nozzle

TEB 1 mm ID

Gas-to-Liquid Ratio, %

2

Total mass of injected liquid, g
o

300

Initial Bed Temperature, C

140

Liquid Injection Flowrate, g/s

17.7

Liquid Injection Flux, g/mm2 s

22.5

Nozzle Tip Lateral Location, m

0.1

Nozzle Tip Vertical Location, m

0.37

All experiments had the same average superficial gas velocity of 0.4 m/s in the freeboard
despite the different gas velocity profile applied to each condition. The experiments were
performed with three lateral gas velocity (U0) profiles:
•

0.2 m/s from West gas distributor and 0.6 m/s from East gas distributor,

•

0.4 m/s from both gas distributors, and

•

0.6 m/s from West gas distributor and 0.2 m/s from East gas distributor.

Please note that the average superficial gas velocity, in the freeboard, was 0.4 m/s, i.e.
higher than the 0.3 m/s used in Chapter 3. This was done to increase the velocity from
0.1 m/s to 0.2 m/s on the low velocity side in uneven gas distribution experiments, and
thus prevent significant settling of agglomerates (Bhatti, 2017).

4.2.3

Impact of Vertical Nozzle Tip Location

Several authors (Song et al., 2004; Mohagheghi Dar Ranji, 2014) obtained different
bubble flow patterns. Bhatti (2017) showed that vertical distribution of agglomerates was
affected by gas velocity. In this subsection, a set of experiments was performed to obtain
the rate of vapor generation for liquid injected at different vertical locations.
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Fig. 4-4. Vertical locations of spray nozzle in the experiments.
There are three ports for installing the spray nozzle located at the West side wall of the
fluidized bed (Fig. 4-4). The spray injection system and operating conditions are similar
for the three vertical locations (Table 4-3).
Table 4-3. Experimental setup and operating conditions
(bolded parameters are different from Table 4-2)
Spray Nozzle

TEB 1 mm ID

𝑈0 , m/s

0.2

Total mass of injected liquid, g

300

Gas-to-Liquid Ratio, %

2

Initial Bed Temperature, oC

140

Liquid Injection Flowrate, g/s
2

17.7

Liquid Injection Flux, g/mm s

22.5

Nozzle Tip Lateral Location, m

0.1
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4.2.4

Impact of Lateral Nozzle Tip Location

As Bhatti (2017) observed, there is a lateral bed hydrodynamic profile in this fluidized
bed pilot scale unit even at equal gas velocity from both gas distributors. In this
subsection, we will see if there is an impact of this lateral profile. To do this, one way is
to change the nozzle tip lateral location or nozzle penetration (Jahanmiri, 2017) and
observe the change of accumulated liquid proportion.
Changing the nozzle tip location as illustrated in Fig. 4-5 would also change the spray jet
tip lateral location. The spray jet penetration in this set of experiments was 25 cm as it
mimicked a liquid injection system in previous study (Joness, 2019a). We can also
predict spray jet penetration using a mathematical model (Ariyapadi, 2004). The nozzle
tip locations were chosen to ensure that the spray jet did not impact the far wall of the
fluidized bed.

Fig. 4-5. Lateral locations of spray nozzle used in the experiments.
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The experiments have two nozzle tip lateral locations, i.e. 0.1 m and 0.4 m from the West
side wall (Fig. 4-5). Table 4-4 shows the other operating conditions of the experiments
that was similar for the two lateral nozzle tip locations.
Table 4-4. Experimental setup and operating conditions
(bolded parameters are different from Table 4-2)
Spray Nozzle

TEB 1 mm ID

𝑈0 , m/s

0.2

Total mass of injected liquid, g

300

Gas-to-Liquid Ratio, %

2

Nozzle Tip Vertical Location, m
o

Initial Bed Temperature, C

140

Liquid Injection Flowrate, g/s
2

Liquid Injection Flux, g/mm s

4.2.5

0.37
17.7
22.5

Impact of Initial Bed Temperature

The fluidized bed was equipped with 28 type-K thermocouples that have a 2 s response
time and from which local temperature data were taken at 1 Hz. The total mass and liquid
injection flowrate in Table 4-5 caused the bed temperature to drop by about 5 oC in each
experiment. The temperature difference between the bed and wind-boxes was kept at less
than 10 oC by adjusting the temperature set point of the electrical heater (section 2.1).
Table 4-5. Experimental setup and operating conditions
(bolded parameters are different from Table 4-2)
Spray Nozzle

TEB 1 mm ID

𝑈0 , m/s

0.3

Total mass of injected liquid, g

300

Gas-to-Liquid Ratio, %
Liquid Injection Flowrate, g/s

2
17.7
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Liquid Injection Flux, g/mm2 s
Nozzle Tip Penetration, m
Nozzle Tip Vertical Location, m

22.5
0.1
0.37

Table 3-5 shows the operating conditions and injection system that were kept similar
throughout the experiments with different initial bed temperatures.

4.3
4.3.1

Results and Discussion
Impact of Superficial Gas Velocity

A visible improvement of the rate of vaporization was obtained when the superficial gas
velocity was increased from 0.2 m/s to 0.3 m/s, as shown by the shorter agglomerate
breakup time constant (Fig. 3-4). In other words, agglomerates broke up more quickly at
0.3 m/s than at 0.2 m/s. There is a 99.97 % probability that the slope of the agglomerate
breakup time constant vs. superficial velocity is negative between 0.2 and 0.3 m/s.
Increasing the superficial gas velocity could create more shear forces on the
agglomerates, and thus enhancing fragmentation and erosion of the agglomerates
(Weber, 2009b; Ahmadi Motlagh et al., 2019). Another possible effect is on the initial
agglomerate formation: Mohagheghi et al. (2013) and Mohagheghi et al. (2014) showed
that increasing the fluidization velocity during injection produced weaker agglomerates.
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Agglomerate Breakup Time Constant, s
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Fig. 4-6. Impact of superficial gas velocity on agglomerate breakup time constant.
Increasing superficial gas velocity beyond 0.3 m/s only had a 73 % probability of a
negative slope for the agglomerate breakup time constant. This could be attributed to the
transition from bubbling fluidization to turbulent fluidization. At superficial velocities of
0.48 m/s and 0.55 m/s, Fig. 3-4 shows relatively more scattered data for the agglomrate
breakup time constant (𝜏). This could indicate a stronger influence of random phenomena
in agglomerate breakage.

4.3.2

Impact of Lateral Velocity Profile

When the superficial velocity is lower at the spray location (0.2 m/s West and 0.6 m/s
East, as shown in Fig. 4-7), the agglomerate breakup time constant was relatively higher
which means that agglomerate breakup was slower. Regression analysis showed a
positive slope with a probability of 99.7 % for the even case and 99.99 % for the case
with 0.6 m/s west and 0.2 m/s east. However, there is no visible sign of improvement
between the even case and the 0.6 m/s west and 0.2 m/s east case (16 % probability).
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These results are in agreement with experimental results obtained with the injection of
Gum Arabic solution by Bhatti (2017) using the same fluidized bed: more agglomerates
were obtained when the gas velocity was lower at the spray location.
5

Agglomerate Breakup Time Constant, s

4.5
4
3.5
3
2.5
2
1.5
1
0.5
0
0.6 m/s West
0.2 m/s East

Even
0.4 m/s

0.2 m/s West
0.6 m/s East

Fig. 4-7. Impact of lateral velocity profile (injection from West side)
A difference however is that Bhatti (2017) obtained fewer agglomerates for higher gas
velocity at the spray location (0.6 m/s West and 0.2 m/s East) than that for even gas
velocity. We also found the two statistically insignificant with 90 % confidence interval.
The difference between our experiments and Bhatti’s is the liquid: the pure water used in
our experiments gave weaker agglomerates than the Gum Arabic solution used by Bhatti.

4.3.3

Impact of Vertical Nozzle Tip Location

When the height of injection location was increased from 0.17 m to 0.37 m, the
agglomerate time constant increased, indicating liquid was trapped longer in
agglomerates (Fig. 4-8). This result could be associated to the bubble volume fraction at a
particular height. Mohagheghi Dar Ranji (2014) found a higher average bubble volume
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fraction at a lower height and the bubbles at the spray jet tip were negatively correlated to
the agglomerate breakup time constant. Therefore, a shorter time constant at 0.17 m was
potentially caused by higher bubble volume fraction in the bed.

Agglomerate Breakup Time Constant, s

4.5
4
3.5
3
2.5
2
1.5
1
0.5
0
0

0.1

0.2
0.3
0.4
0.5
Nozzle Tip Vertical Location, m

0.6

0.7

Fig. 4-8. Impact of vertical nozzle tip location
We found changing the vertical location was significant between each locations either
positive slope between 0.17 m and 0.37m or negative between 0.37 m and 0.6 m with
probabilities above 99 %. An interesting result was found at injection height of 0.6 m. We
expected to have an even longer agglomerate breakup time constant, but it was even
shorter than that at the lowest height. At the 0.6 m height, the jet tip was right below the
bed surface (0.62 m) and agglomerates generated at the jet tip quickly reached the bed
surface, which is a highly turbulent region of the bed.
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Fig. 4-9. Impact of vertical nozzle tip locations on heat deficit
At similar operating conditions, High GLR injection experiments were also performed
(Fig 4-9) to study the impact of nozzle height on heat deficit. With High GLR, we had
non-agglomerated free liquid present in the bed. More accumulated liquid was obtained
with High GLR injection near the bed surface (0.62 m) relative to the other vertical
locations below it. The results indicated that the nozzle height had a significant impact on
vaporization rate with more than 99 % probability. The results only showed 65 %
probability of significant impact of nozzle height between 0.17 m and 0.37 m.

4.3.4

Impact of Lateral Nozzle Tip Location

When the nozzle tip lateral location was moved from 0.1 m to 0.4 m relative to the West
bed wall, the agglomerate breakup time constant dropped (Fig. 4-10). This could be
associated with the higher bubble volume fraction at the center of the bed (Mohagheghi
Dar Ranji, 2014; Bhatti, 2017). The effect of nozzle tip lateral location was found
significant with 93 % confidence interval that the slope was -3.91 s/m - -0.06 s/m. With
the spray jet penetration estimated at 0.25 m, the jet tip was located at 0.65 m or at the
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center of the bed for nozzle tip located at 0.4 m. This is where a past experimenter
(Bhatti, 2017) found the highest bubble volume fraction.
4.5

Agglomerate Breakup Time Constant, s
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Fig. 4-10. Impact of lateral nozzle tip locations on agglomerate breakup.
Looking at the effect of lateral nozzle tip location on heat deficit (Fig. 4-11), there was
only 23 % probability for a significant effect caused by the lateral location. When the
nozzle tip was located at 0.1 m more scattered results were obtained, which could be
caused by a more random solid mixing in the bed region near the wall.
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Fig. 4-11. Impact of lateral nozzle tip locations on heat deficit.

4.3.5

Impact of Initial Bed Temperature

As liquid is injected, it mixes with the bed solids at the tip of the jet cavity to give wet
solids with a given liquid-to-solid ratio that depends on both nozzle conditions and local
bed hydrodynamics (Pardo Reyes, 2015):
𝐿 𝑚𝑎𝑠𝑠 𝑜𝑓 𝑖𝑛𝑗𝑒𝑐𝑡𝑒𝑑 𝑙𝑖𝑞𝑢𝑖𝑑
=
𝑆
𝑚𝑎𝑠𝑠 𝑜𝑓 𝑑𝑟𝑦 𝑠𝑜𝑙𝑖𝑑𝑠
Some of this liquid vaporizes very quickly using the heat from the hot solids trapped in
the agglomerates. The amount vaporized (𝑚𝐿,𝑣𝑎𝑝𝑜𝑟𝑖𝑧𝑒𝑑 ) can be expressed as:
𝑚𝐿,𝑣𝑎𝑝𝑜𝑟𝑖𝑧𝑒𝑑 =

𝑚𝑠 𝐶𝑝𝑠 (𝑇𝑏𝑒𝑑 − 𝑇𝑙𝑏 )
∆𝐻𝑣𝑎𝑝

𝑚𝐿,𝑎𝑓𝑡𝑒𝑟 = 𝑚𝐿,𝑏𝑒𝑓𝑜𝑟𝑒 − 𝑚𝐿,𝑣𝑎𝑝𝑜𝑟𝑖𝑧𝑒𝑑
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𝐶𝑝𝑠 (𝑇𝑏𝑒𝑑 − 𝑇𝑙𝑏 )
𝐿
𝑚𝐿,𝑎𝑓𝑡𝑒𝑟 = 𝑚𝑠 ( )
− 𝑚𝑠
𝑆 𝑏𝑒𝑓𝑜𝑟𝑒
∆𝐻𝑣𝑎𝑝
𝐿

(𝑆)

𝑎𝑓𝑡𝑒𝑟

=

𝑚𝐿,𝑎𝑓𝑡𝑒𝑟
𝑚𝑠

𝐿

= (𝑆)

𝑏𝑒𝑓𝑜𝑟𝑒

−

𝐶𝑝𝑠 (𝑇𝑏𝑒𝑑 −𝑇𝑙𝑏 )

(4-8)

∆𝐻𝑣𝑎𝑝

Weber (2009) found that increasing initial liquid content helped agglomerates to resist
erosion and fragmentation in the fluidized bed and maintain its original mass. In addition,
a wet agglomerate might also form liquid bridges with surrounding bed particles,
subsequently increasing its mass. Therefore, as bed temperature rises, the 𝑓𝑎𝑔 and 𝜙𝑎𝑐,𝑎
will both decrease.
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Fig. 4-12. Impact of bed temperature on agglomerate formation and breakup.
Fig. 4-12 shows that the agglomerate breakup time constant becomes shorter as the initial
bed temperature is increased. This confirms Eq. 4-8 in a sense that the solids trapped in
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an agglomerate could provide more heat to vaporize more of the initial trapped liquid .
Having less remaining liquid, the agglomerates were more prone to breakup.

4.4

Conclusion

The local bed hydrodynamics at the spray jet region was found to be have an important
impact on the agglomerate breakup time constant. The reduction of the agglomerate
breakup time constant with increasing superficial gas velocity was significant only for the
lowest gas velocities but then immediately levelled off at higher velocities. This was
possibly associated to the weak liquid bridges within agglomerates made with pure water,
as water may not have been viscous enough to resist the shear forces in fluidized bed at
higher velocities, for most agglomerates.
Local bed hydrodynamics, near the spray jet cavity, are more important than average bed
hydrodynamics. This was shown by the weak but significant impact of the nozzle vertical
location on the agglomerate breakup time constant. Redirecting fluidization gas from the
West windbox to the East windbox, far from the jet cavity, resulted in agglomerates that
broke up more slowly.
Increasing the bed temperature reduced the agglomerate breakup time constant. At higher
bed temperature, solids trapped in agglomerates would have more heat to vaporize some
of the initial liquid trapped in agglomerates. Therefore, at higher bed temperature,
agglomerates would have less remaining liquid and break more quickly.

NOMENCLATURE

𝐶𝑝𝑠

[ 𝑘𝐽⁄𝑘𝑔 ℃ ]

Heat capacity of bed solids

𝑓𝑎𝑔

[-]

Initial proportion of liquid in agglomerates

𝑚̇𝐿,𝐼

[𝑘𝑔⁄𝑠]

Liquid injection flowrate
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𝑚𝐿,𝑣𝑎𝑝𝑜𝑟𝑖𝑧𝑒𝑑

[kg]

The amount of vaporized liquid from agglomerate

𝑚𝐿,𝑏𝑒𝑓𝑜𝑟𝑒

[kg]

The initial liquid amount in agglomerate

𝑚𝐿,𝑎𝑓𝑡𝑒𝑟

[kg]

The liquid amount in agglomerate after vaporization

𝑚𝑠

[kg]

Mass of solids in agglomerates

𝑡𝐹

[s]

The time when initial agglomerate was formed

𝑡𝐼

[s]

The end time of liquid injection

𝑇𝑏𝑒𝑑

[oC]

Bed temperature

𝑇𝑙𝑏

[oC]

Liquid (water) boiling temperature

∆𝐻𝑣𝑎𝑝

[kJ/kg]

Enthalpy of vaporization of water

𝜏

[s]

Agglomerate breakup time constant

𝜙𝑎𝑐

[-]

𝜙𝑎𝑐,𝑎

[-]

𝜙𝑎𝑐,𝐻

[-]

𝜙𝑎𝑐,𝐻,𝐻𝐺𝐿𝑅

[-]

𝐿

[-]

𝑆
𝐿

(𝑆)

𝑎𝑓𝑡𝑒𝑟

𝐿

(𝑆)

𝑏𝑒𝑓𝑜𝑟𝑒

[-]

[-]

The proportion of accumulated liquid at the end of
steady state
The proportion of accumulated liquid due to
agglomerate formation and breakup
The proportion of accumulated liquid due to heat
deficit
The proportion of accumulated liquid due to heat
deficit in High GLR injection experiments
Liquid to solid ratio of agglomerates
Liquid to solid ratio of agglomerates after initial liquid
is vaporized
Liquid to solid ratio of agglomerate before initial
liquid is vaporized
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Chapter 5

5

Impact of Liquid Spray Nozzle Operating Conditions on
Agglomerate Breakup in a Fluidized Bed

Chapter 1 reviewed how some industrial fluidized beds employ gas atomization to inject
a liquid for better contact with the bed particles. The improvements were translated as
improved yield and running capacity and/or reduced failure and fouling in processes such
as Fluid CokingTM. Chapter 3 then discussed different techniques that are commonly used
to improve jet-bed interaction by changing the bed hydrodynamics; for example,
enhancing agglomerate breakup resulted in faster vaporization indicated by a smaller
amount of accumulated liquid in the fluidized bed at steady state.
In industrial beds, there may be homogeneous vaporization, in which the required heat is
provided by convection from hot gases and radiation from hot particles, and
heterogeneous vaporization, which relies on heat conducted during direct contact
between droplets and particles (Mirgain et al., 2000). Heterogeneous vaporization is
predominant in bubbling and turbulent fluidized beds at moderate temperature, such as
Fluid Cokers and polyethylene reactors (Ren et al., 2020), fluidized bed granulators
(Jacob, 2007), and Fluid Catalytic Crackers (Buchanan, 1994; Mirgain et al., 2000).
This research focuses on heterogeneous vaporization where sprayed liquid droplet
interaction with bed particles governed the majority of heat transfer in vaporization.
There are two mechanisms determining initial contact between sprayed liquid droplets
and particles (Schæfer and Mathiesen, 1996): 1) When droplets are small, wetting is
caused by the distribution of droplets on individual solid particulates and may lead to
coalescence between wet solid particles, and 2) When droplets are large, wetting is
caused by the immersion of a large number of solid particles in the liquid.

This chapter investigates the impact of liquid spray injection operating conditions on the
agglomerate breakup. It focuses on how liquid distribution is affected by the nozzle scale
and the amount of atomization gas.
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1. Gas-to-Liquid Ratio
From an industrial perspective, the ratio of the atomization gas mass flowrate to the
liquid mass flow rate (Gas-to-Liquid Ratio or GLR) is one of the crucial parameters.
Increasing the mass flow rate of atomization gas is generally expected to improve the
atomization quality but this must be weighed against the additional gas costs and unit
capacity constraints (i.e. there is a maximum amount of gas flow that can be allowed
through the unit cyclones, and if additional atomization gas is used, the feedstock
flowrate must be reduced).
(Portoghese et al., 2008; Leach et al., 2009) reported that increasing the GLR increased
the spray angle and decreased spray droplet size during open-spray experiments; in a
fluidized bed, increasing the GLR improved the contact between the sprayed liquid and
the bed particles. Zirgachian et al. (2013) confirmed these findings with commercialscale spray nozzles: increasing the GLR reduced the amount of liquid that was trapped in
agglomerates, the liquid that was not trapped was more uniformly distributed throughout
the bed.
Morales et al. (2016) and Joness (2019) used a liquid that simulated bitumen in fluid
cokers. They confirmed that increasing the GLR reduced both the agglomerate
concentration and the liquid concentration in the agglomerates.
2. Spray Nozzle Scale
A TEB Spray Nozzle is a type of gas-liquid spray injection nozzle and has been
extensively studied to simulate gas-liquid injection in fluidized bed, particularly in Fluid
Coking studies (Base et al., 1999; Prociw et al., 2018; Joness, 2019a). The present study
aimed to observe the effect of TEB spray nozzle scale on the agglomerate breakup.
Joness (2019) found that increasing the nozzle scale decreased the amount of liquid
trapped in agglomerates.
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Experimental Setup and Methodology

5.1
5.1.1

Impact of Gas-to-Liquid Ratio

The GLR is increased by increasing the atomization gas flowrate which is controlled by
the pressure upstream of the flow control orifice. The blowtank pressure can be adjusted
to maintain a constant liquid flowrate when varying the GLR. The control orifice (1.6
mm ID) downstream of the blow tank was also essential to eliminate the effect of varying
nozzle pressure drop on the atomization gas flowrate. Fig 5-1 shows the initial pre-mixer
and blowtank pressure for different GLR.
2500

Blowtank

Initial Pressure, kPa

2000

1500

1000

500

Pre-mixer

0
0

0.5

1

1.5

2

2.5

GLR, wt-%

Fig. 5-1. GLR vs. initial pre-mixer pressure and blow-tank pressure. 1 mm spray
nozzle with a liquid flux of 22.5 g/mm2s.
This set of experiments used a TEB nozzle with 1 mm ID scale (Table 5-1) with the
associated conduit injecting from West side wall (Fig. 5-2). The experimental procedure
was described in Chapter 2 while Table 5-1 presents operating conditions specific to this
set of experiments.
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Fig. 5-2. Experimental setup for liquid injection

Table 5-1. The operating conditions summary to study the impact of Gas-to-Liquid
ratio
Parameter
Injected liquid mass
Liquid Flux
Initial bed temperature

Unit

Values

kg

0.3

g/mm2s

22.5

o

C

140

m/s

0.3

Nozzle tip lateral location
(West)

m

0.1

Nozzle tip vertical location

m

0.37

Superficial gas velocity
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5.1.2

Impact of Spray Nozzle Scale

The present study uses the same set of spray nozzles and each compatible conduit as used
by Joness (2019) (Table 5-2). Joness (2019) selected each pair of compatible spray
nozzles and conduits based on the closest pre-mixer pressure along all pairs of spray
nozzle and conduit sizes. The present study refers to these selection results as the baseline
to assume that most injection system characteristics, apart from spray nozzle scale, were
identical.
Table 5-2. Selected pairs of TEB spray nozzle and conduit (Joness, 2019a)

a)

Nozzle Internal
Diameter, mm

Conduit
Diameter, mm

Conduit
Length, mm

1

1.55

600

1.41

2.16

600

b)

Fig. 5-3. Experimental setup for liquid injection with Dual 1 mm ID TEB nozzle for
nozzle tip location: a) 0.1 m up to 0.3 m, b) 0.51 m.
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The experiments aimed to compare the agglomerate breakup time constant for nozzle
diameters of 1.41 mm and 1 mm. The GLR and liquid flux were set at 2 wt-% and 22.5
g/mm2s for both nozzles. Because both randomized set of experiments must apply similar
liquid flowrate and flux, experiments were conducted with a single 1.4 nozzle or two 1
mm nozzles inserted from opposite walls of the fluidized bed (Fig. 5-3); the nozzle tips
were always far enough to ensure that there was no direct interaction between the spray
jets. Meanwhile, the single injection was performed from the west side wall.
Both injection methods were compared at 3 different nozzle tip lateral locations: 0.1 m,
0.2 m, and 0.3 m relative to the wall (Fig. 5-3a). An experiment with maximum nozzle tip
penetration (0.51 m) was performed and to avoid interaction between spray jets, the two
1 mm nozzles were installed at different heights (Fig. 5-3b). The experimental setup and
procedure were described in Chapter 2 while the specific operating conditions in this
section is summarized in Table 5-3.
Table 5-3. The operating conditions summary for nozzle scale effect investigation.
Parameter

Unit

Values

Injected liquid mass

kg

0.6

Gas-to-Liquid Ratio

wt-%

2

g/mm2s

22.5

Average initial bed temperature

°C

140

Superficial gas velocity (𝑈0 )

m/s

0.3

Nozzle tip vertical location

m

0.37

Liquid Flux

5.2
5.2.1

Results and Discussion
Impact of Gas-to-Liquid Ratio

Fig. 5-4 shows that, as the atomization Gas-to-Liquid ratio (GLR) was increased, the
agglomerate time constant decreased substantially (99.5 % probability) between 0.5 % to
1 %. Increasing the GLR from 1 % to 2 % also resulted in a, more moderate but
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statistically significant reduction of the agglomerate time constant: this reduction has a
probability of 96 %.

Agglomerate breakup time constant, s

8
7
6
5
4

𝜏 = 3.67 𝐺𝐿𝑅

−0.705

3
2
1

0
0

0.25

0.5

0.75

1

1.25

1.5

1.75

2

2.25

GLR, wt-%

Fig. 5-4. The impacts of GLR on agglomerate breakup time constant.
Past experimenters (Portoghese et al., 2008; Leach et al., 2009; Mohagheghi, Hamidi,
Briens, Berruti, and McMillan, 2014) obtained similar results, using larger nozzles
operating with about half the liquid flux utilized in this experiment. It was suggested that
increasing GLR resulted a finer spray droplets and larger jet expansion angles which later
contributed to better liquid distribution (Portoghese et al., 2008). With a better liquid
distribution, the agglomerate would be drier and weaker, and break up more quickly
(Farkhondehkavaki, 2012). This is possibly the reason the agglomerate breakup time
constant became shorter as the GLR was increased.

5.2.2

Impact of Spray Nozzle Scale

Experiments were conducted with 2 non-interacting 1 mm nozzles operating with the
same liquid flux and GLR as the 1.41 mm nozzle and injecting the same total amount of

113

liquid. Fig. 5-5 compares the results obtained with both systems: dual 1 mm nozzles and
a single 1.41 mm nozzle, for various nozzle tip lateral locations. The agglomerate time
constant was shorter with the single 1.41 mm nozzle for all nozzle tip lateral locations. A
shorter time constant for the single 1.41 mm nozzle was found significant for 0.2 m (98.2
% probability), 0.3 m (98.7 % probability), and 0.51 m (99.97 % probability) nozzle tip
lateral locations, while there was no significant improvement at the 0.1 m lateral location.
This finding complements previous studies which found decreasing amounts of liquid
trapped inside agglomerates with increasing TEB nozzle scale using Gum Arabic solution
(Joness, 2019a). The author suggested this was due to the jet tip for larger nozzle scales
reaching a more turbulent local hydrodynamic region as it was getting closer to the center
of the rectangular bed.
5

Agglomerate Breakup Time Constant, s

4.5

1.41 mm

4
3.5
3
2.5

2 x 1 mm
2
1.5
1
0.5
0
0

0.1

0.2

0.3

0.4

0.5

0.6

Nozzle Tip Lateral Location, m

Fig. 5-5. Impact of injection nozzle scale: dual 1 mm nozzles vs. single 1.41 mm
nozzle.
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This is the reason why the two nozzle scales were compared at different nozzle tip lateral
locations. Fig. 5-5 shows the importance of the nozzle tip location, which made it
difficult to differentiate between the two nozzle scales. Two comparisons were made:
1) Since in Fluid Cokers, nozzles are in the wall region where the bubble flux is
lower, we compared the nozzles for a nozzle tip location of 0.1 m where,
according to Fig. 5-6, the bubble flux is low. At this location, the two nozzle
scales gave nearly identical performance: there was only a 17 % probability of a
difference between the two nozzle scales.

Fig. 5-6. Gas bubble profile (adapted from Bhatti (2017)) and spraying operation at
0.1 m for: a) 1.41 mm and b) 2 × 1 mm.
2) The second comparison was made assuming that one was free to locate each
nozzle where it would be most effective, i.e. where the agglomerate breakup time
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constant was the lowest: 0.2 m for the 1.41 mm nozzle and 0.51 m for the two 1
mm nozzles Fig. 5-7. Here again, the two nozzle scales gave nearly identical
performance: there was only a 53 % probability of a difference between the two
nozzle scales.

Fig. 5-7. Gas bubble profile (adapted from Bhatti ( 2017)) and the spraying
operation for the lowest 𝝉 in: a) 1.41 mm at 0.2 m and b) 2 × 1 mm at 0.51 mm.

5.3

Conclusion

Atomization gas greatly improves liquid distribution. Increasing the atomization Gas-toLiquid ratio reduced the agglomerate breakup time constant. Increasing GLR potentially
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improved the liquid-solid contact, produced smaller and drier agglomerates and promoted
faster agglomerate breakup. The correlation between GLR and the agglomerate breakup
time constant could be expressed as: 𝜏 = 3.67(𝐺𝐿𝑅)−0.705.
The nozzle scale did not have a strong impact on nozzle performance. Changing the
nozzle scale changes the dimensions of the spray jet cavity and how it interacts with the
fluidized bed. As shown in Chapter 4, local bed hydrodynamics affect liquid distribution
and, depending on the local bed hydrodynamics, changing the nozzle scale may bring
some improvement in liquid distribution.
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Chapter 6

6

Conclusions and Recommendations

This chapter summarizes the major findings and contributions of the research followed by
recommendations for future research work.

6.1
•

Conclusions

The rate of vaporization in a fluidized bed was successfully measured by monitoring
the vapor concentration at the column exit and the pressure drop across the gas
distributor and across the cyclone train. This technique was combined with data
processing and a new vaporization performance indicator in a fluidized bed were
proposed.

•

An experimental method with High Gas-to-Liquid Ratio injection successfully
identified and segregated the possible limitations due to heat flux and vapor saturation
in a fluidized bed.

•

Heat flux limitation is predominant at bed temperatures above the liquid boiling
point. Solids mixing within the bed is central to bring enough hot and dry bed solids
to the wet particles, to provide heat for the liquid vaporization. Changes in bed
temperature affected the minimum required mass of hot bed solids that must be
brought into contact with the wet solids. Gas velocity distribution contributes more
significantly as more mass of hot bed solids are required to vaporize the injected
liquid.

•

The vapor saturation limitation was predominant at bed temperatures below the liquid
boiling point. This limitation results from the combination of the maximum mass of
vapor that the fluidizing gas can carry up to saturation (thermodynamic limitation)
and the imperfect mass transfer of vapor from emulsion to bubbles (gas mixing
limitation). This vapor limitation is greatly affected by the superficial gas velocity
and the gas velocity in the bed region where the liquid is sprayed.
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•

A combination of experimental method and data processing technique was developed
to obtain the agglomerate breakup time constant for liquid injection using a scaled
down industrial spray nozzle. With nozzle operating conditions trying to mimic an
industrial Fluid Coker’s spray nozzle, nearly the entire injected liquid was initially
trapped in agglomerates during the period of injection.

•

Bed hydrodynamics has a strong impact on the agglomerate breakup at low gas
velocities as it was shown by decreasing the agglomerate breakup time constant with
increasing superficial gas velocity. This impact was immediately levelled off at
higher velocities which was potentially caused by the weak liquid bridges of
agglomerates made with pure water. Water may not have been viscous enough to
resist the shear forces in the fluidized bed at higher velocities, for most agglomerates.

•

Local bed hydrodynamics, near the spray jet cavity, are more important than global
bed hydrodynamics. This was shown by the weak but significant impact of the nozzle
vertical location on the agglomerate breakup time constant. Redirecting fluidization
gas from the West windbox to the East windbox, far from the jet cavity, resulted in
agglomerates that broke up more slowly.

•

Increasing the bed temperature enhanced agglomerate breakup due to less liquid
trapped in agglomerate to maintain its stability. At higher bed temperatures, solids
trapped in agglomerates would have more heat to vaporize a portion of the initial
liquid trapped in agglomerates.

•

Increasing the atomization Gas-to-Liquid ratio enhanced agglomerate breakup.
Atomization gas greatly improves liquid distribution and increasing GLR potentially
improved the liquid-solid contact, produced smaller and drier agglomerates which
subsequently promoted faster agglomerate breakup.
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•

The spray nozzle scale did not have a strong impact on nozzle performance. Changing
the nozzle scale changes the dimensions of the spray jet cavity and how it interacts
with the fluidized bed. Changing the nozzle scale may bring some improvement in
liquid distribution depending on the local bed hydrodynamics.

6.2
•

Recommendations

Pure water injection formed weak agglomerates and limited the impacts observed at
higher velocities potentially due to its low viscous force. One may find an advantage
of injecting a more viscous selection of liquid.

•

Study on heat flux limitation and vapor saturation can be expanded into injection of
liquid with many components with different volatilities. At a certain bed temperature,
the proportion and the limiting factor would shift depended on each component
concentration.

•

Modelling of the impact of bubble to emulsion mass transfer on vapor saturation with
vapor RTD were limited by a significantly larger freeboard section compared to the
bed section of the fluidized bed column. This problem could be solved from several
angles. One may inject nitrogen to the top of the baffle with a more uniform lateral
distribution using a sparger. Another approach could be to install oxygen sensors
right above the bed surface in a row and obtain the local vapor concentration.

•

Experiments could also be designed to model vaporization as a result of reaction,
such as in a Fluid Coker. This would improve the understanding on the impact of heat
flux and vapor saturation.
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Appendices
Appendix A: Characteristics of the Fluidized Bed

Fig. A-1. Freeboard pressure transducer calibration

Fig. A-2. Windbox pressure transducer calibration
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Fig. A-3. Distributor grid pressure drop calibration
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A.1. A Brief Heat Balance Study on Injected Liquid Vaporization
This compares the injection of water into a hot bed of sand with the injection of bitumen
into a hot bed of coke, from a heat balance point of view.
A.1.1. Bitumen into coke
Heat capacity of coke: Cps = 1 kJ/(kg.°C) (Long et al., 2015)
Apparent particle density of coke: ρp = 1450 kg/m3 (Sanchez Careaga, 2013)
Bed emulsion density of coke: ρe = ρp (1-ϵe) = 870 kg/m3 (emulsion voidage ϵe = 0.4)
Bed temperature: Tbed = 540 °C
Temperature of reacting/vaporization front: Tvap = 520 °C (Sanchez Careaga, 2013)
Heat required for reaction and vaporization of bitumen: ΔHvap = 1152 kJ/kg (Sanchez
Careaga, 2013)
Volume of emulsion phase required to provide enough heat to vaporize 1 kg of feed:
Ve =

H vap

eC ps (Tbed − Tvap )

= 0.066 m3 / kg = 66 L / kg

A.1.2. Water into sand
Note that the results would be nearly identical for gum arabic solution into sand.
Heat capacity of sand: Cps = 0.8 kJ/(kg.°C) (Joness, 2019a)
Apparent particle density of sand: ρp = 2550 kg/m3 (Sanchez Careaga, 2013)
Bed emulsion density of sand: ρe = ρp (1-ϵe) = 1530 kg/m3 (emulsion voidage ϵe = 0.4)
Bed temperature: Tbed = 131.8 °C
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Temperature of reacting/vaporization front: Tvap = 100 °C
Heat required for vaporization of water: ΔHvap = 2571 kJ/kg (includes heat capacity term
to bring water to 100 °C)
Volume of emulsion phase required to provide enough heat to vaporize 1 kg of feed:
Ve =

H vap

eC ps (Tbed − Tvap )

= 0.066 m3 / kg = 66 L / kg

If the bed hydrodynamics are matched, the same volume of emulsion will enter the spray
jet cavity in coke beds and sand beds.

Appendix B: Residence Time Distribution of Vapors
B.1. Residence Time Distribution of Vapors
We can get the flow of water vapor in the column outlet from the measured oxygen
concentration and the total molar flowrate of gas exiting the column, determined from the
cyclone pressure drop.
𝑛̇ 𝐻2 𝑂,𝑜𝑢𝑡,𝑖 = 𝑦𝐻2 𝑂 𝑛̇ 𝑜𝑢𝑡,𝑖

(B-1)

Normalizing 𝑛̇ 𝐻2 𝑂,𝑜𝑢𝑡,𝑖 and converting it to cumulative fraction format resulted in the
“vapor out fraction” curve. The vapor residence time in the bed was characterized by the
delay between “vapor out fraction” and “vaporized fraction”.
For reference, Table B-1 shows the average residence time of the fluidization gas in the
dense bed and in the freeboard, in the absence of vaporization, as determined from the
gas flowrate and the gas volumes in the bed and freeboard.
Table B-1. Mean residence time of gas in Bed and Freeboard sections
U0, m/s

Q, m3/s

t̅ bed , s

t̅ freeboard , s
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0.23

0.0414

1.33

15

0.3

0.054

1.02

11.5

0.38

0.0684

0.80

9.08

0.44

0.0792

0.69

7.84

0.5

0.09

0.61

6.9

However, due to hydrodynamics in the bed or freeboard, every gas flow fraction may
travel with different trajectories and thus different residence times. We need the residence
time distribution or RTD to tell us the entire flow characteristics of gas. As discussed in
1.9.2, the residence time distribution is important information to obtain the gas dispersion
coefficient in a fluidized bed.
To calculate the residence time of vapor in the bed, we first need to experimentally obtain
the gas residence time distribution in the freeboard. We will then use the gas RTD in the
freeboard to estimate vapor RTD in the bed from the flowrate, composition of the gas
exiting the column and the bubble to emulsion mass transfer.

B.1.1 Gas residence time distribution in freeboard
B.1.1.1. Experimental method
A gas tracer technique was conducted to obtain gas RTD in the freeboard which would
simulate the perturbation when vapor is generated in a fluidized bed. A constant flowrate
of N2 was injected for 15 s to the horizontal baffle (Fig. B-1). The distance between the
tip of the 4 mm ID pipe and the baffle was 2 cm. Splashing the gas downward on the
horizontal baffle helped improve the lateral gas distribution.
In experiments with liquid vaporization, the flowrate of the generated vapors is
significant when compared to the flowrate of fluidization gas. When injected liquid
vaporized in the bed, there was a subsequent perturbation in the freeboard as the total gas
flowrate through the freeboard increased. This freeboard perturbation depended on the
rate of vapor generation. When measuring the gas residence time distribution in the
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freeboard, the injected flowrate was in the same range as the expected vapor flowrate
during vaporization experiments.

Fig. B-1. Experimental setup for measurement of gas residence time in the freeboard
The baseline superficial gas velocity in the bed section is 0.3 m/s. At this condition,
Laminar-Turbulent transition flow occurred in the freeboard section (Re number: 2460).
At the highest superficial gas velocity in the bed, 0.5 m/s, turbulent flow occurred in the
freeboard section (Re number: 4108). When combined with the baffle at the inlet of the
freeboard section, this condition allowed plug flow assumption in the freeboard.
This experimental method also assumed the horizontal baffle height (0.97 m) can be a
reference height for the bed surface. Though at lower superficial gas velocity the bed
surface was below the baffle, the volumetric ratio between the freeboard and bed section
was large (5.26:1). This condition made the difference to the bed height at experimental
baseline (𝐻𝑏𝑒𝑑 0.64 m; 𝑣𝑔 0.3 m/s) became negligible. To verify this assumption, we can
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also compare the mean residence time in the bed and freeboard section at different
superficial gas velocity in Table B-1.
B.1.1.2. Experimental results
The experimental results are in cumulative fraction format and provide the time for a given
injected fraction (𝑡𝑆 ) and the time when the corresponding injected gas fraction was
detected at the column outlet (𝑡𝐸 ) (Fig. B-2). We can then extract the 𝑡𝑆 and 𝑡𝐸 for all
percentiles.

Fig. B-2. N2 injection results at 𝑢0 0.3 m/s resembled a plug flow
A plug flow variable was then derived from the actual change in freeboard hydrodynamics
due to N2 injection. This variable is called Acceleration Factor (𝛿) because the injected N2
accelerates the total flow of gas across the freeboard. We obtain the changes in gas flowrate
from equation B-2.
∆𝑃𝑐𝑦𝑐𝑖 −∆𝑃𝑐𝑦𝑐0

𝑛̇ 𝑜𝑢𝑡,𝑖 = 𝑛̇ 𝑜𝑢𝑡,0 + 𝛽 (

𝛾𝑖

)

(B-2)
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𝑅𝑇𝐹

𝑄𝑔,𝑖 = 𝑛̇ 𝑜𝑢𝑡,𝑖 𝑃
𝑄

𝑛̇

𝛿𝑖 = 𝑄 𝑔,𝑖 = 𝑛̇ 𝑜𝑢𝑡,𝑖
𝑔,0

(B-3)

𝐹,𝑖

𝑜𝑢𝑡,0

𝑃𝐹,0
𝑃𝐹,𝑖

(B-4)

Having the acceleration factor, the initial gas residence time was estimated for N2 injection
experiments.
𝑡

𝑡𝑑,0(𝑁2) = ∫𝑡 𝐸 𝛿𝑁2,𝑖 𝑑𝑡
𝑠

(B-5)

The main idea of this method is that N2 injection’s accelerating effect on the freeboard
hydrodynamics simulates the impact of liquid vaporization on freeboard hydrodynamics
during liquid injection experiments.
B.1.2. Vapor residence time distribution in the bed
With 𝑡𝑑,0(𝑁2 ) calculated from N2 injection experiments at similar initial column
hydrodynamics, the time at bed surface (𝑡𝑠 ) for liquid injection experiments was obtained
by solving the following equation.
𝑡

𝑡𝑑,0(𝑁2) = ∫𝑡 𝐸 𝛿𝑉,𝑖 𝑑𝑡
𝑠

(B-6)

In equation B-6, 𝛿𝑉 is the acceleration factor due to vapor generation at the same initial
column hydrodynamics as N2 injection experiments. This equation traced 𝑡𝑠 using the
time at the column outlet (𝑡𝐸 ) obtained from the “vapor out fraction”. The delay between
𝑡𝑆 and 𝑡𝐸 for the same fraction is the vapor residence time in the bed.
To get 𝐻𝑉𝐷 from vapor residence time in the bed we set an experiment at an initial bed
temperature at 140 oC. At this condition, there is no impact of vapor saturation. The total
flow of gas exchanged over slice with thickness 𝑑𝑧 can be expressed as,
𝑚̇𝑔,𝑒𝑥 = 𝑚̇𝑔𝑏

𝑑𝑧
𝐻𝑉𝐷
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We then first assume constant vapor concentration in emulsion as PF-M model
(Cheremisinoff and Gupta, 1983). Secondly, we assume that as soon as vapor is
transferred to bubble phase, it came out of the bed (Fig. B-3).

Fig. B-3. Illustration of vapor transfer to bubble phase.
𝑚̇𝑔,𝑏 𝐶𝑏 + 𝑚̇𝑔,𝑒𝑥 (𝐶𝑒 − 𝐶𝑏 ) = 𝑚̇𝑔,𝑏 (𝐶𝑏 + 𝑑𝐶𝑏 )
𝑑𝐶𝑏
𝑑𝑧
=
𝐶𝑒 − 𝐶𝑏 𝐻𝑉𝐷
Integration would require representation of H from dz, and we may express it with 𝐻𝑚𝑓
ln

𝐻𝑚𝑓
𝐶𝑒 − 𝐶𝑏,𝑜𝑢𝑡
=−
𝐶𝑒 − 𝐶𝑏,𝑖𝑛
𝐻𝑉𝐷

If 𝐶𝑏,𝑖𝑛 ≅ 0 and 𝐶𝑏,𝑜𝑢𝑡 ≅ 𝐶𝑜𝑢𝑡 , then
𝐻𝑚𝑓
𝐶𝑒 − 𝐶𝑜𝑢𝑡
𝐶𝑜𝑢𝑡
−
=1−
= 𝑒 𝐻𝑉𝐷
𝐶𝑒
𝐶𝑒
𝐻𝑚𝑓
𝐶𝑜𝑢𝑡
−
= 1 − 𝑒 𝐻𝑉𝐷
𝐶𝑒

At stationary conditions we can then assume 𝐶𝑒 to change relatively more slowly than
𝐶𝑜𝑢𝑡 .
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𝐶𝑜𝑢𝑡 = 𝐾 𝐶𝑒
with

𝐾 =1−𝑒

−

𝐻𝑚𝑓
𝐻𝑉𝐷

𝑚̇𝑣𝑎𝑝 𝑑𝑡 = 𝑚̇𝑔 𝐶𝑜𝑢𝑡 𝑑𝑡 + 𝑚𝑔,𝑏𝑒𝑑 𝑑𝐶𝑒
𝑚̇𝑣𝑎𝑝 𝑑𝑡 = 𝑚̇𝑔 𝐶𝑜𝑢𝑡 𝑑𝑡 +

𝑚𝑔,𝑏𝑒𝑑
𝑑𝐶𝑜𝑢𝑡
𝐾

𝑚𝑔,𝑏𝑒𝑑
𝑑𝐶𝑜𝑢𝑡 = (𝑚̇𝑣𝑎𝑝 − 𝑚̇𝑔 𝐶𝑜𝑢𝑡 ) 𝑑𝑡
𝐾
𝑑𝐶𝑜𝑢𝑡 =

𝐾 𝑚̇𝑔 𝑚̇𝑣𝑎𝑝
(
− 𝐶𝑜𝑢𝑡 ) 𝑑𝑡
𝑚𝑔,𝑏𝑒𝑑 𝑚̇𝑔

We then adjust 𝐾 with solver to obtain 𝐶𝑜𝑢𝑡 from:
𝐶𝑜𝑢𝑡,𝑖 = 𝐶𝑜𝑢𝑡,𝑖−1 + ∆𝐶𝑜𝑢𝑡,𝑖
Once we have 𝐾, we can obtain 𝐻𝑉𝐷 as,
𝐾 =1−𝑒

𝑒

−

𝐻𝑚𝑓
𝐻𝑉𝐷

−

𝐻𝑚𝑓
𝐻𝑉𝐷

= 1−𝐾

𝐻𝑚𝑓
= − ln(1 − 𝐾)
𝐻𝑉𝐷
Appendix C: Statistical Analysis of Experimental Results

Table C-1. Statistical analysis of experimental results in Fig. 3-4. Bounds of confidence
interval for the slope.
Compared parameter

Confidence
level

Lower

Upper
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0.2 m/s

0.3 m/s

99.97 %

-16.43

-0.23

0.3 m/s up to 0.58 m/s

74 %

-1.62

-0.0003

Table C-2. Statistical analysis of experimental results in Fig. 3-5. Bounds of confidence
interval for the slope.
Compared parameter

Confidence
Level

Lower

Upper

0.6W:0.2E

Even 0.4 m/s

16 %

-0.1

-0.0008

Even 0.4
m/s

0.2W:0.6E

99.7 %

0.03

2.44

0.6W:0.2E

0.2W:0.6E

99.99 %

0.11

1.07

Table C-3. Statistical analysis of experimental results in Fig. 3-6. Bounds of confidence
interval for the slope.
Compared
Location

Confidence
level

Lower

Upper

0.17 m

0.37 m

99.7 %

0.02

9.96

0.37 m

0.6 m

99.99 %

-12.11

-1.17

0.17 m

0.6 m

99.1 %

-2.44

-0.02

Table C-4. Statistical analysis of experimental results in Fig. 3-7. Bounds of confidence
interval for the slope.
Compared
Location

Confidence
level

Lower

Upper

0.17 m

0.37 m

65 %

0.0005

0.08

0.37 m

0.6 m

99.7 %

0.001

0.18

0.17 m

0.6 m

99.98 %

0.004

0.13
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Table C-5. Statistical analysis of the slope in Fig. 4-3
GLR

Confidence
level

Lower

Upper

0.5 % to 1 %

99.5 %

-12.85

-0.32

1 % up to 2 %

96 %

-1.58

-0.007

1 % to 1.5 %

52 %

-1.17

-0.002

1.5 % to 2 %

95 %

-1.94

-0.06

Table C-6. Statistical analysis for the change in agglomerate time constant due to
nozzle scale at different nozzle tip lateral locations
Nozzle tip lateral
locations

Confidence

Lower

Upper

0.1 m

15 %

0.004

0.05

0.2 m

98.2 %

0.001

1.19

0.3 m

98.7 %

0.003

0.52
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